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ABSTRACT 
 

Magnesia has been widely used in the fields of fire-resistant materials, 

construction materials, chemical industries, environmental protections, pharmaceutical 

industries, agriculture, magnesium metal and magnesium alloys. For decades, the 

combination of water gas generator and reverberatory furnace has been adopted in 

traditional caustic calcined magnesia (CCM) production process with undesirable 

characteristics of high energy consumption, difficult quality control, and serious 

environment pollution. Thus, the technology for the production of CCM needs to be 

greatly upgraded. 

This study mainly focuses on the design and simulations of novel light magnesite 

calcination technique with high energy efficiency for CCM production using a two-

stage fluidized bed gasification (TSFBG) system with a transport bed flash calcination 

(TBFC) process. Firstly, a TSFBG system for fuel gas production is systematically 

simulated by Aspen Plus to identify the pre-drying effect of coal with its initial water 

content varying from 10 to 65 wt.% on gasification performance, particularly relating 

to the energy efficiency. The results show that the energy efficiencies based on lower 

heating value (LHV) (LHV) and higher heating value (HHV) (HHV) of feed coal are 

about 1.5%-7% and 1.5%-5% higher when coal is fed to the system directly without the 

pre-drying. For the TSFBG system, the higher the water content is, the greater the 

energy efficiency reduction by the pre-drying is. The analysis of energy allocations 
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reveals that the heat loss due to the pre-drying of coal is mainly responsible for the 

decrease of energy efficiency in operations with the pre-drying. With an increase in the 

initial water content from 10 to 65 wt.%, the LHV of the TSFBG system without the 

pre-drying of coal using air/steam as gasification agent reaches its maximum of about 

91% at an initial water content of 26 wt.%. The LHV and HHV of the TSFBG system 

using oxygen/steam as the gasification agent increases energy efficiency by about 1-2% 

compared to that using air/steam. For TSFBG using air/steam to gasify coal without the 

pre-drying, the preferred initial water content of coal is below 50 wt.%. 

Then, a TBFC process applied to magnesite is systematically investigated through 

a process simulation to optimize the energy-saving strategy. The high-temperature 

calciner flue gas is used to preheat the fed magnesite, while the sensible heat with the 

CCM product is cooled by air sending to the calciner. Pre-decomposition of magnesite 

during preheating is considered on basis of the kinetics measured using a micro 

fluidized bed reaction analyzer (MFBRA) that allows the minimized effect of external 

diffusion on reaction. With staged fuel gas supply, the TBFC process allows the 

equivalence ratios around 1.2 for combustion. The preferred arrangement of stages for 

magnesite preheating and CCM cooling are 4 and 2 respectively, leading to the energy 

consumption of 4100 kJ/kg-CCM and the energy efficiency of 66.8%, which is almost 

doubly higher than the 33.9% of the conventional reverberatory furnace (RF). The pre-

decomposition occurs mainly in the 1st-stage preheater, and the maximal conversion is 

about 13%. Varying the stages of preheating appears more influential on the energy 
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saving than varying the cooling stages, while residence time above 1 s in the preheaters 

has limited effect.  

Finally, the detailed and comprehensive CaCO3 (with a similar decomposition 

performance as the MgCO3) decomposition under different flue gas atmospheres and 

different pressures through simulation are conducted to provide more fundamental and 

complete information for the reaction in the product gas strongly inhibited atmospheres 

and certain reference values for industrial applications. The results show that CO2 

seriously inhibits the decomposition of CaCO3 and this inhibition seems to be more 

obvious on the initial decomposition temperature when compared with the complete 

decomposition temperature. The higher CO2 concentration of flue gas may lead to a 

narrower but higher whole temperature range for the decomposition of CaCO3. Both 

the initial and complete decomposition temperatures of CaCO3 increase with the 

increase of reaction pressure for different CO2 concentrations in the flue gas, indicating 

that the decrease of pressure is favorable for the decomposition of CaCO3. 

All in all, in this work, the high energy efficiency for light calcination of magnesite 

for CCM production is successfully achieved by the optimum process design and 

simulation. It is expected to give the guidance for the design and application for the 

upgrading of CCM production technique. 
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CHAPTER 1 

Introduction 

1.1 General introduction 

Magnesium materials have been widely used in refractory materials, metallurgy, 

building materials, construction materials, automobiles, electronics, chemical industry, 

aviation, agriculture, aerospace, pharmaceutical, animal husbandry and other fields [1]. 

Its demand is growing continuously and has become one of the important and 

indispensable materials in the development of economy. Due to the high-quality and 

rich magnesium resources in China (i.e., magnesite), which are mainly distributed in 

Liaoning province and Shandong province, it has become the largest producer and 

exporter of magnesium-based materials in the world [2]. As the characteristic industry 

in Liaoning province and key technology of magnesium industry, caustic-calcined 

magnesia (CCM, also known as active magnesium oxide) production from magnesite 

calcination is crucial for the developments of industry and economy in Liaoning 

province.  

The CCM production process is usually equipped with the fuel gas generator 

which will supply the energy for system. For decades, the combination of water gas 

generator (a fixed bed gasification technology) and reverberatory furnace has been 

adopted in traditional production process with undesirable characteristics of high 

energy consumption, only application to large partials, difficult quality controlling and 

serious environment pollution [3]. Thus, the production technology of CCM needs to be 
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upgraded comprehensively. The detailed introductions for CCM production, including 

the gasification technology for fuel gas production, are introduced in the following 

sections. 

1.2 Gasification technology  

The unstable oil prices have promoted researchers to investigate other energy 

sources such as carbon-based solid fuels. Coal, as a representative of carbon-based solid 

fuels, is still an important energy source nowadays. In general, the coal quality is 

determined by carbon, volatiles and moisture amount, which determine the heating 

value. For the high-quality coals with high heating value, the combustion technology is 

generally used and still dominates the generation of heat and power. However, the 

concerns of global climate change [4] and environmental pollution have restricted its 

applications. On the other hand, the high-quality coals are not abundantly reserved. The 

gasification technology is developed for possibly using low-quality coals with high 

moisture, high volatiles, and low heating values [5].  

Different from the direct combustion, gasification can use coals more efficiently 

and cleanly with significant carbon dioxide emission reducing, since the obtained gas 

(fuel gas or syngas) from it can be applied for the production of not only heat and power 

but also value-added chemicals [6]. Gasification refers to the thermochemical process 

that a solid fuel reacts with gasifying agents (air/steam/O2/CO2) to produce a 

combustible gas (mainly CO and H2). During this process, fuel drying, fuel pyrolysis, 
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char gasification, cracking and reforming of hydrocarbons and tar, combustion of 

combustibles [7] could occur. The major reactions except for combustion, are shown in 

the following Eqs. (1.1) - (1.5) [5].  

C+CO2 ⇆ 2CO ΔHR1=172.5kJ/mol                        (1.1)  

C+H2O → H2+CO ΔHR2=131.3kJ/mol                      (1.2)  

CO+H2O ⇆ H2+CO2 ΔHR3=-41.2kJ/mol                    (1.3)  

C+2H2 → CH4 ΔHR4=-74.5kJ/mol                         (1.4)  

CH4+H2O ⇆ CO+3H2 ΔHR5=205.8 kJ/mol                  (1.5) 

There are numerous gasification technologies which have been developed and are 

commercially available. Based on the reactor bed where fuels are gasified, these 

gasifiers can be generally categorized into three types including fixed bed, fluidized 

bed, and entrained flow gasifiers. 

1.2.1 Fixed bed gasification 

In fixed bed gasifiers or moving bed gasifiers, the solids are always in a fixed or 

moving state with respect to the gas [8]. Based on the relative positions of solid 

feedstocks and gasifying agents into the gasifier, as illustrated in Figure 1.1, it can be 

classified into updraft fixed bed (UD-FB) gasifier (co-current) and downdraft fixed bed 

(DD-FB) gasifier (counter-current) [9]. In the UD-FB gasifier, fuel is introduced into the 

gasifier from the top whereas the gasifying agent is provided from the bottom. The gas-

solid convection is beneficial to enhance the contact between fuels and gasifying agents, 

reduce pressure drop of the bed and generate a small amount of slag. However, primary 
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tar flows from high temperature zone to low temperature zone and the upward moving 

gas shortens the reforming time of tar, resulting in high tar content (e.g., as high as 50 

g/Nm3
db). It is reported that the obtained fuel gas is usually composed of 1.6-50 vol.% 

H2, 13-25 vol.% CO and 1.5-10 vol.% CH4 with high heating values in the range of 2.4-

12.1 MJ/Nm3
db

 when the reaction temperature changes from a minimum range of 650-

700 oC to a maximum range of 950-1150 oC under different gasification conditions [10,11]. 

In the DD-FB reactor, both fuel and gasifying agent are firstly delivered in the drying 

zone, and the volatiles from pyrolysis are carried to the combustion and reduction zones, 

which always yield low-tar fuel gas (<20 g/Nm3
db) with low particulate content [12]. 

However, it is difficult to control the temperature and the products, easily leading to the 

problems of bridging and slagging in the gasifier. Usually, the downdraft gasifier can 

generate a lower-tar-content product gas [8] with a lower heating value [13] compared 

with the updraft gasifier. In addition, due to the lack of versatility for treating different 

feedstocks, downdraft gasifier is not as flexible as updraft gasifier [8].  

The fixed bed gasifier was firstly proposed and fabricated in Finland, and 

successfully applied in one power generation company. From 1985-1986, eight UD-FB 

gasifiers were commercialized with the output range of 4-5MWth [14]. The two most 

popular commercial gasifiers are Sasol-Lurgi dry bottom gasifiers and British Gas 

Lurgi (BGL) (slagging type), shown in Figure 1.2 [15]. The fixed bed gasifiers can only 

adopt large-particle raw materials, usually more than 20 mm and 10 mm for the 

atmospheric reactors and the pressurized Lurgi reactors, respectively. Fixed bed 
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gasifiers always have lower heat/mass transfer rates and poor adaptability for the 

powder feedstock as well as difficulty in scaling up, which still restricts their 

applications in large scale. Fixed bed gasifiers have the most obvious merit of high 

conversion while they are limited to operational temperatures below1000 C [9].  

 

Figuer 1.1 Fixed bed reactor configurations. (Reprinted with permission from Ref. [9]). 

 

Figure 1.2 Schematic of fixed bed gasifiers (A) Sasol-Lurgi Dry Bottom Gasifier; and 

(B) British Gas/Lurgi (BGL) Slagging Gasifier [15].  
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1.2.2 Fluidized bed gasification 

Fluidized bed gasifiers (FBGs) have been widely applied to coals in continuous 

operation. The gasifying agent flows from the bottom of gasifier and the coal enters 

near the bottom of gasifier [5]. As shown in Figure 1.3, there are three common types 

of FBGs: bubbling fluidized bed (BFB), circulating fluidized bed (CFB), and dual 

fluidized bed (DFB) gasifiers. Due to the main advantage of better distribution, FBGs 

can reduce limitations of heat and mass transfer. FBGs also have desirable 

characteristics of high capacity, good adaptability of solid fuels in a wide particle size 

distribution (below 10 mm) and low investment. However, FBGs still suffer from the 

problems of high tar content in produced fuel gas [16]. Tar will be condensed when the 

temperature is below 300 C and thus causes many operational problems, such as 

catalyst deactivation, erosion and blocking of pipeline and equipment, and serious 

environmental pollution of phenol wastewater [17]. Han et al. [18] reported that the tar 

contents in produced gas form BFB and CFB gasifiers in low operating temperatures 

respectively ranged around 10–40 g/Nm3 db and 5–12 g/Nm3 db, while it could vary 

about 0.5 - 40 g/Nm3 db which was influenced by the type of DFB gasifier, bed material 

as well as operating condition.  

For the BFB gasifier (Fig. 1.3a), the solids bed and the fluidization agent undergo 

a vigorous bubbling state and the pyrolysis and gasification of fuels occur to produce 

char, tar and gases. The bubbling type is composed of one chamber for gasification and 

it may suffer from the problem of fluidization control. The O2 exists in the bubbles in 
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this gasifier, thus the combustion could occur anywhere in the whole reactor, which 

significantly decreases gasification efficiency [8]. Tar is usually generated in high-

temperature solids bed, then cracked to about 5-20 g/Nm3
db and transported to low-

temperature gas phase zone [19]. As the bed temperature is in the range of 700-900 °C, 

the produced fuel gas usually contains 30-60 vol.% of H2, 10-25 vol.% of CO and 8-12 

vol.% of CH4 with 7.3-14 MJ/Nm3
db [20]. The dust is always carried out either from the 

bottom or with the product gas. The BFB gasifiers have lower carbon conversion 

because of reaction gas dilution by product gas and shorter reaction time compared with 

CFB gasifiers [21]. Particles entrainment of fine char and reduction of oxidant diffusion 

from bubble phase to emulsion phase are also big problems for bubbling bed. While 

CFB and transport bed reactors can effectively solve these problems. The transport bed 

gasifier is significantly different from CFB and BFB in the particle size of feedstock, 

residence time of particle as well as gas velocity [21].  

For the CFB gasifier (Fig. 1.3b), solids circulate between the reactor and the 

cyclone, in which the ash is separated while the bed material together with char are 

moved back to the reactor. Compared with the bubbling design, the CFB has a 

capability of handling large feedstock throughputs due to its very high gas velocity. 

Moreover, the efficiency for CFB does not reduce since bubbles do not exist in such a 

circulating reactor [8]. The FBG usually operates from 800 to 1000 C, which can 

prevent ash accumulation. Thus, these reactors can adopt high-ash feedstock in this 

temperature range [8]. While the main difficulty in operation is the possible slagging at 
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low temperatures when the ash melt may occur below 1000 C [9]. The main 

consideration is to remove ash, which has been almost neglected in the bubbling 

fluidized bed reactors but its impacts on agglomeration and defluidization in fluidized 

bed reactors have been widely studied [22]. It is reported that the obtained fuel gas 

contains 22-27 vol.% of H2, 27-40 vol.% of CO and 7-9 vol.% of CH4 with 8.3-12 

MJ/Nm3
db

 under the temperature ranged in 650-850 °C [20, 23]. Compared with the BFB 

gasifier, the CFB gasifier can improve carbon conversion efficiency, but the high tar 

content in produced gas and dust problems still limit its applications.  

The DFB gasifiers (Fig. 1.3c) separate the fuel pyrolysis and partial gasification 

from the combustion of unreacted char. The middle caloric fuel gas is expected to be 

produced by DFB gasifiers even though using gasification agents of air/steam/air-steam 

mixture since product gas dilution by N2 from air and CO2 from combustion can be 

avoided. The feeding coal is pyrolyzed to generate char and gas which could complete 

within 10 s with the temperatures of more than 800 °C [24], and then the char is gasified 

whereas it takes several minutes [25]. Compared with char, the O2 in atmosphere would 

prefer to react with the pyrolysis gas. Moreover, the gasification reaction of char would 

be suppressed by the coexistence of pyrolysis gas and char. This could lead to low 

efficiency of gasification and low-quality product gas. Hence, the concept of DFB 

gasifiers technology is proposed, in which the fuel pyrolysis is separated from the char 

gasification. The issue of different bed combinations for DFB gasifiers was first 

addressed by Xu et al. [26]. From the experimental results of 5 kg/h DFB gasifier with 
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electrical heating, the combination of ‘‘riser combustor and low-velocity fluidized bed 

gasifier’’ was proved to be superior because it enabled the DFB gasifier to perform with 

high conversions of C and H, high efficiency of gasification as well as good tar 

elimination capability [27].  

       

Figure 1.3 Fluidized bed reactors used for gasification:(A) bubbling bed, (B) 

circulating bed, (C) dual fluidized bed. (Reprinted with permission from Ref. [9], [27]).  

In the 1920s, the German Winkler firstly discovered the phenomenon of 

fluidization and applied it to the development of coal gasification. Then the Winkler 

gasification technology (Figure 1.4) was successfully developed and its first plant for 

industrial application was built in Leuna, Germany in 1926 [28]. This created a precedent 

for the industrial application of fluidization technology, which was the major 

breakthrough in the development of coal gasification technology. After that, fluidized 

bed gasification technologies such as U-Gas technology and KRB technology have 

been successfully developed and their industrial demonstrations have been well carried 

out [29].  



10 

 

 

Figure 1.4 Winkler gasifier [30]. (Reprinted with permission from Ref. [30]).  

1.2.3 Entrained bed gasification 

In entrained flow gasifiers (EFGs), the feedstock particles (below 75 m) together 

with agents for gasification usually enter the reactor from top. The gas velocity is high 

enough to entrain all the feedstock particles. Compared with fixed bed gasifiers and 

FBGs, the EFGs have the obvious characteristics of very high temperatures (more than 

1473 K), large load capacity and short residence time [31]. Generally, the high-

temperature (even reaching 1700 C) and high-pressure (usually 3.0-4.0 MPa) EFGs 

are very suitable to produce the syngas for chemical synthesis. The high-capacity (e.g., 

2000 t/d coal) EFGs usually have much heavy invest and they generally treat the high-

heating-value coals with low-content (e.g., less than 10 wt.%) ash and low ash-melting 

point (e.g., above 1250 C) considering economics and technology reasons [32]. In EFGs, 

slurry or dry coals can be fed into the reactor while bottom slag and fly ash can be 
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correspondingly produced from the removal of slag/ash [31]. EFGs are widely used type 

of gasifier for industrialization due to quite low content of tar in product gas, flexibility 

as well as very high conversion of char. While it is quite challenging to obtain the 

required feed size and the material of construction can be a restriction for EFGs. It is 

essential to perform an efficient cooling for syngas to removal sulfur and improve gas 

handling [5].  

In the 1930s, Koppers of Germany and Texaco of the United States started to 

investigate entrained bed coal gasification technology [28]. In 1952, the industrialization 

of Koppers-Totzek entrained bed gasifier (K-T gasifier, shown in Figure 1.5) is 

successfully achieved, which is another major breakthrough in the history of coal 

gasification technology. In the early 1970s, due to the first crisis of petroleum, Shell, 

Texaco, Dow and other multinational companies have invested heavily in research and 

development of coal gasification. Coal-water slurry gasification technology and 

pulverized coal pressurized gasification technology gradually completed large-scale 

industrial demonstrations in fields of coal to bulk chemicals, direct and indirect coal 

liquefaction, coal to natural gas, IGCC power generation and hydrogen production [29]. 

In 1980, the entrained bed coal-water slurry gasification was first introduced into China 

for ammonia synthesis [33]. The coal-water slurry was fed at the top of the reactor to 

react with oxygen at the temperatures of 1300-1400 C to ensure that the ash is in 

melting state in the chamber of gasification (Figure 1.6). The syngas produced from 

this gasification process usually has H2/CO ratio of 0.7-0.85 and a low concentration of 
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CH4, which is quite suitable for FT synthesis. Additionally, water slurry feeding could 

utilize some of polluted water, which is beneficial to environmental protection. 

Although many experiences have been already obtained in large-scale applications, 

such a gasification system still has the main disadvantages of large oxygen consumption 

and lower efficiency because of low density of energy in water diluted feeding. The 

original Texaco gasifier used only one jet at the top of reactor vessel. After continuous 

research and development, the latest design for coal–water slurry gasifiers are equipped 

with multiple jets in the upper zone of the reactor with a top jet. Consequently, a better 

flow field in the chamber of combustion and a higher carbon conversion is realized. 

This type of gasifier with multiple jets could be easily scaled up to a processing capacity 

of 3000-4000 t coal per day [34]. 

 

Figure 1.5 Koppers-Totzek entrained bed gasifier. (Reprinted with permission from Ref. 

[30]).  
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Figure 1.6 Entrained flow gasification with coal-water slurry [35]. (Reprinted with 

permission from Ref. [35]).  

1.3 Two-stage gasification  

1.3.1 Decoupling gasification 

Macroscopically, the thermochemical conversion process of gasification 

essentially contains a complex reaction network as shown in Figure 1.7. Fuel 

drying/pyrolysis provides reactants for other reactions and produces steam as a 

gasification agent and reactant for char gasification and pyrolysis gas/tar reforming. 

The pyrolysis gas/tar may further occur cracking or decomposition or reforming and 

the char produced by pyrolysis, in which the contained metal species could catalyze the 

reforming and decomposition/cracking of tar and pyrolysis gas [7]. The combustible 

components in the final product gas by reactions such as pyrolysis, char gasification, 

decomposition/cracking and reforming, including H2, CO, CmHn, etc., can also affect 
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other sub-reactions, such as suppressing the gasification of char or fuel. The reaction 

heat required for endothermic reactions such as char gasification is provided by the 

combustion of combustible components and char, and the CO2 produced by combustion 

(a large amount of N2 when air is used) can cause the dilution of the product gas. The 

traditional gasification process coupled all the sub-reactions together, and it is difficult 

to use the various interactions that occur in the reaction network and the intermediate 

products generated from the sub-reactions.  

In other words, the performance of gasification process can be potentially 

optimized by controlling individual reactions and their engaged interactions. These 

benefits possibly include the increase in fuel conversion efficiency, low pollution, low 

consumption, high product quality and product polygeneration in the gasification 

process. By separating one or some sub-reactions, the coupling of the sub-reactions 

occurring in the coupling conversion process is decoupled, and the decoupled sub-

reactions are reorganized according to the need to enhance or inhibit the interaction of 

some intermediates and final products with the sub-reactions. The “decoupling 

gasification (DCG)” is proposed by Zhang et al. [7] which is featured with “control of 

the reaction and its related interactions”. Figure 1.7 shows how these reactions are 

interrelated based on the sequence of occurrence and the products from the upstream 

reaction to determine the occurrence of a downstream reaction indicated by the solid 

line arrow. This implies the coupling of each pair of the adjacent linked reactions. 

Theoretically, the decoupling of each arrow-linked reaction could be realized by 
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breaking the linkage in a possibly suitable way. As illustrated by the star between 

pyrolysis and gasification in Figure 1.8, after the breakage of reaction linkage, two 

approaches can be employed to reorganize the decoupled reactions.  

The method of “isolating” decoupling usually integrates two reactors (reacting 

independently), which are used to isolate the products to inhibit the inter-effects 

between the products of decoupled reactions and also achieve polygeneration. In the 

approach of “synergizing” decoupling, the promotion of favorable interactions or the 

inhibition of undesired interactions among the linked reactions are realized through the 

re-organization of decoupled reactions. Through this kind of decoupling, the 

gasification process is expected to improve fuel conversion efficiency and product 

quality, reduce pollutant formation, and/or enable fuel adaptability. These decoupling 

effects indicate that it is potentially reduce tar production, improve fuels adaptability as 

well as product quality by synergizing method, thus innovating advanced technologies 

of gasification [7]. Based on the synergizing method, the two-stage gasification (TSG) 

is formed through decoupling pyrolysis reaction from the other reactions.  
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Figure 1.7 Reaction network in the gasification process of carbonaceous solid fuels. 

(Reprinted with permission from Ref. [7]).  

 

Figure 1.8 Two decoupling approaches applied in developing DCG technologies. 

(Reprinted with permission from Ref. [7]).  

The TSG technology uses the char-catalysis effects for reforming/cracking of tar 

related substances to realize the removal of tar produced by pyrolysis inside the process. 

As shown in Figure 1.9, fuel first conducts the pyrolysis reaction in a pyrolytic zone 

(the first stage), then the pyrolysis products including gas, tar, and char are fed to a 
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gasification/reforming zone (the second stage). As such, char can be employed as the 

bed material for gasification zone to realize its catalysis for tar cracking/reforming over 

high-temperature char particles during the process of gasifying char in a gasifier. The 

produced gas with a very low tar content can be obtained, consequently achieving the 

decoupling effect [7]. Table 1.1 presents the summary of typical TSG technologies.  

 

Figuer 1.9 Principle diagram of the two-stage gasifier. (Reprinted with permission from 

Ref. [7]). 
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Table 1.1 Summary of typical two-stage gasification technologies.  

Technologies Parts in the two-stage 
gasifier 

Developer Feedstock 
Tar content in fuel 

gas (mg/Nm3
db) 

Current state Ref. 

Throatless 
downdraft 

fixed bed gasifier 

Two DD-FBs for 
pyrolyzer and gasifier, 

respectively. 

Asian Institute of 
Technology, Thailand 

Wood chips <50 Pilot [36]  

Viking gasifier A screw conveyer as 
pyrolyzer and a DD-FB 

as gasifier. 

Technical University, 
Denmark 

Wood chips <50-80 Demonstration [37,38]  

Fraunhofer ISE 
gasifier 

A DD-FB for pyrolyzer 
and a UD-FB for gasifier 

Fraunhofer Institute for 
Solar Energy Systems, 

Germany 
Wood chips 10-50 Pilot [39]  

Two-stage gasifier A fluidized bed as 
pyrolyzer and a DD-FB 

as gasifier 
IPE, China Coal 84 Pilot [32,40]  

Fluidized bed two-
stage gasifier 

A fluidized bed pyrolyzer 
and a transport fluidized 

bed gasifier 
IPE, China 

Herb 
residue 

400 Demonstration  [41,42]  

Fluidized bed two-
stage gasifier 

A fluidized bed pyrolyzer 
and a transport fluidized 

bed gasifier 
IPE, China 

Low-rank 
coal 

365 Pilot [43]  
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1.3.2 Fixed bed TSG 

(1) Throatless downdraft gasifier 

Throatless downdraft gasifier was designed by the Asian Institute of Technology 

in 1992. It is a multi-stage reactor that consisted of two DD-FBs. The flaming-pyrolysis 

zone is separated from the reduction zone. In this gasifier, the two air feedings including 

the primary and secondary air are employed. The secondary air is introduced in the 

middle of gasifier for the partial oxidation to raise the temperature of reduction zone, 

leading to the occurrence of tar cracking at high temperature. As such, the tar 

concentration in produced fuel gas can be reduced to below 50 mg/Nm3
db with a treating 

rate of 600 kg/(m2·h), which is 40 times lower than that from a single-stage gasifier 

under the same condition [36].  

(2) Viking gasifier 

In 1999, Peder Brandt from Technical University of Denmark developed a 100-

kWth TSG (named “Viking”) with a screw conveyer as the pyrolyzer and a DD-FB as 

the gasifier. As shown in Figure 1.10, the pyrolysis products together with the gasifying 

agent (air and steam) are transported into the gasification section from the top of 

downdraft reactor. The obtained fuel gas contains a low tar concentration of about 10-

40 mg/kg when the wood was used [37,38]. Currently, this Viking technology reaches an 

industrial scale of 1.5 MW after it has been scaled up several times.  
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Figure 1.10 A schematic diagram of the Viking gasification plant. (Reprinted with 

permission from Ref. [7]).  

(3) Fraunhofer ISE gasifier 

The Fraunhofer Institute for Solar Energy Systems developed the Fraunhofer ISE 

gasifier in 2013. It is composed of a DD-FB for pyrolysis and a UD-FB for gasification 

featured with four isolated zones in gasifier for pyrolysis and gasification, partial 

combustion, tar cracking, and reduction and oxidation to be arranged respectively from 

the top to the bottom of reactor, thereby achieving a quite low tar concentration of 10–

50 mg/Nm3 db in the produced gas [39].  

1.3.3 Fluidized bed TSG 

(1) Two-stage gasifier 

The two-stage gasifier, which was firstly adopted fluidized bed to the TSG process, 
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was developed by the Institute of Process Engineering (IPE, CAS) in 2010. As shown 

in Figure. 1.11, it consists of a fluidized bed pyrolyzer and a DD-FB gasifier [40]. After 

the fuel is pyrolyzed in the fluidized bed, all the products are further introduced into a 

DD-FB gasifier. and then all the pyrolysis products are forwarded into the downdraft 

fixed bed gasifier, where the gasification of char occurs and the tar is further cracked 

and/or reformed to gas through the catalysis effect of high-temperature char. As such, 

the advantages of high mass and heat transfers in the fluidized bed and high tar removal 

rate in the DD-FB are well combined. Especially, tar can be more easily cracked and/or 

reformed in the downstream gasifier with the steam containing atmosphere. In 2012, an 

auto-thermal pilot-scale plant with a capability of about 50 kg/h based on this 

technology was built. A low tar content (84 mg/Nm3
db) in the product gas with a heating 

value of 4.186 MJ/Nm3
db was achieved [32]. However, the obvious disadvantages of DD-

FB including difficulty in high pressure drop, poor fuel adaptability of powder raw 

materials as well as scaling up, still restrict its large-scale industrial applications.  
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Figure 1.11 A conceptual diagram of the proposed new two-stage gasification process. 

(Reprinted with permission from Ref. [32]).  

(2) Fluidized bed two-stage gasifier 

A new technology of fluidized bed two-stage gasifier was developed by IPE in 

2015, which employs a fluidized bed type pyrolyzer and a transport fluidized bed type 

gasifier [42]. As shown in Figure 1.12, fuel is autothermally pyrolyzed or partially 

oxidized in the first-stage fluidized bed reactor. And all the pyrolysis products are 

forwarded into the second-stage transport bed reactor to perform the gasification of char, 

the reforming/cracking of tar and the upgrading of gas products. The feasibility of this 

new technology was proved by the pilot test and then it was further scaled up to a larger 

capacity (600 kg/h) for the gasification of herb residue using air as the gasification agent 

to produce fuel gas. The results from this demonstration running showed that the 
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temperatures of gasifier and pyrolyzer respectively held at about 850 C and 700 C, 

and the compositions of produced gas were 17.6 vol.% CO, 8.6 vol.% H2, 4.4 vol.% 

CH4, and 10.3 vol.% CO2 as well as 58.8 vol.% N2 calculated on dry basis with a heating 

value of 1250 kcal/Nm3
db. The corresponding tar content was reduced to 0.4 g/Nm3 db 

f, which was much lower than the tar concentration of 5-12 g/Nm3 db from the 

gasification in CFB, demonstrating the effectiveness of fluidized bed two-stage for tar 

removal [42]. In 2018, Zeng et al. [32] extended this technique to low-rank coal 

gasification technology with a processing capacity of 100 kg/h. When the temperatures 

in the gasifier and pyrolyzer were 1000 and 840 oC, respectively, the tar contents 

detected from the pyrolyzer and gasifier were 1.127 g/Nm3
db and 0.365 g/Nm3

db 

respectively. In the steady state, the compositions of CO, H2, CH4 and CO2 in the final 

product gas were 14.4 vol.%, 8.3 vol.%, 3.4 vol.% and 11.3 vol.%, respectively with a 

heating value of around 1100 kcal/Nm3
db. 
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Figure 1.12 A process diagram of fluidized bed two-stage gasification [18].  

1.4 MgO-based industry 

Magnesium ranks eighth in the Earth’s crust, weighting about 2.3 %, and exists in 

rock formations of magnesite and dolomite. Magnesium ranks third in the seawater with 

a concentration of about 1300 ppm. Similar to the lime production from limestone, 

magnesia (MgO or magnesium oxide) is mainly produced by the magnesite calcination. 

Only a small part magnesia in the world produces from seawater as well as brine, or 

other sources [44]. Magnesia has been widely used in the field of fire-resistant materials, 

construction materials, chemical industry, environmental protection, pharmaceuticals 

industry, agriculture, magnesium metal and magnesium alloys. The favorable properties 

of magnesia include its high melting point (2800C), high thermal conductivity, 
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electrical resistance, excellent resistance to alkali sand, as well as high lime content of 

flakes formed in steel melting furnaces [45]. Moreover, it is non-toxic and doesn’t suffer 

from hydration problem such as lime [46].  

1.4.1 Magnesite  

For MgO production, due to the higher energy consumption for the wet route, the 

most commonly used method is the calcination of magnesite, which is a common 

natural mineral in the carbonate group. Magnesite is mainly distributed in China, North 

Korea and Russia, from a global perspective. In recent years, the world’s production of 

magnesite mine has been increasing gradually [47]. China is rich in magnesite with 

reserves of about 3.1 billion tons, most of which are first- and second-grade magnesite, 

making it the world’s leading source of this strategic mineral. As shown in Figure 1.13, 

about 90% of them are distributed in Liaoning province, where world-class large to 

super large magnesite processing and production facilities have been developed. In 

1913, the first magnesite deposit in China was discovered in Zhuanzishan, Gaixian 

county, Liaoning province. In the following years, more deposits were discovered in 

Yingkou and Haicheng (Liaoning), Dahe (Hebei) and Basha (Tibet). The Haicheng-

Dashiqiao deposit in Liaoning is the best quality of sparry magnesite in large scale [2].  
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Figure 1.13 Distribution of Chinese magnesite deposits. (Reprinted with permission 

from Ref. [2]).  

The representative gangue minerals including the silicates and carbonates are 

usually related to the magnesite in natural deposits. Among them, the calcium- and 

magnesium-bearing minerals are the most common ones which are present in large 

amounts. The theoretical composition of magnesite is 47.7% of MgO and 52.3% of CO2 

with traces of Fe, Ca, Co, Mn, N as well as organic compounds. The principal impurities 

of a magnesite from a chemical analysis include CaO (lime); SiO2 (silica); Fe2O3 (iron 

oxide); Al2O3 (alumina); and B2O3 (boric oxide). Magnesite usually appears to be white 

or yellowish in three different textures in nature including MgO-rich macrocrystalline 

(MgO content over 43%), dolomite-containing microcrystalline (MgO content ranging 

39-43%) and macrocrystalline but containing many impurities (MgO content below 
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39%) [48]. According to the nature of magnesite and the texture of the minerals 

accompanying magnesite, the used technologies for magnesite enrichment include 

magnetic separation, optical or manual sorting, flotation and gravity. Treatments have 

shown that the obtained concentrate could have the low content of impurity as well as 

a good quality with the high content of MgO (over 47%) [48]. The magnesite calcination 

involves a decarbonisation reaction of MgCO3, as described by the following reaction 

equation (1.6): 

MgCO3→MgO+CO2                                  (1.6) 

Generally, the products from MgCO3 decomposition are high catalytic activity. 

The “caustic” magnesia refers to a brittle material with high reactivity and quite large 

surface area, which are produced directly from thermal decomposition. Its properties 

mainly depend on the temperature as well as the time of calcination [49]. The main 

technologies for CCM production from magnesite calcination are presented in detail in 

the section of 1.5.  

1.4.2 Dolomite 

The total proven reserves of dolomite resources for the extraction of magnesium 

in China exceed 3 billion tonnes [2]. As a carbonate sedimentary rock, dolomite contains 

over 50% of carbonate, at least half of which is double carbonate of calcium and 

magnesium (Ca, Mg)(CO3)2. The content of CaO is 30.4% and MgO occupies 21.7%. 

The traces of Mn, Fe, Pb and Zn are the most common metals accompanying 
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magnesium and calcium. Dolomitic rock mainly contains dolomite mineral as well as 

the appreciable amount of antigorite mineral, quartz, calcite, and pyrite [48]. Compared 

with limestone, the effervescence in dilute hydrochloric acid cannot occur for dolomite. 

Dolomite is usually light-colored and grainy with the density around 2.8-2.9 g/cm3, and 

the mechanical properties are quite similar to those of limestone. Dolomite decomposes 

from the temperature of 900 C losing the CO2 [50] and the amounts and types of 

impurities present in it may have a great influence on the extent of densification [48]. 

Dolomite can be used as refractories bricks in basic soil converters (electric furnaces) 

after its calcination and sintering at the temperature of 1600-1700 C. Their 

disadvantage is that they present an irregular expansion curve which is associated with 

the calcium flux content. It can be also applied in the glass to prevent devitrification 

and increase weather resistance. Dolomite can also employ as a good flux for steel 

manufacturing and an excellent building material for concrete production as well as 

reconstituted products [50].  

Carbonization is a traditional method for the production of activated MgO from 

dolomite. As shown in Figure 1.14, the process of preparing active MgO by 

carbonating dolomite includes the calcination of dolomite, the slaking of CaO and MgO, 

the carbonating of Ca(OH)2 and Mg(OH)2, the filtration of CaCO3 and Pyrogenation of 

Mg(HCO3)2, the calcination of basic magnesium carbonate. This technology and its 

related equipment have been well developed for large-scale production. However, the 

separation of calcium and magnesium is difficult and the purity of product is not high. 
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In addition, the dissolution rate of magnesium in the processes of carbonization and 

slaking needs to be further improved. Some scholars have adopted the pressurized 

carbonization method and twice-carbonization method [51] to increase the recovery rate 

of magnesium. This undoubtedly results in an increase in production cost although 

certain effects have been achieved.  

 

Figure 1.14 Flow chart of preparing active MgO by carbonating dolomite.  

1.4.3 Seawater and brine 

MgO may also be obtained by the alkaline precipitation of brucite (consisting of 

Mg(OH)2) which can come from seawater and Mg-rich brine, as shown in Figure 1.15. 

In order to remove the carbonates, the seawater needs to be pretreated using the 

sulphuric acid in order to decrease its pH to about 4 (equation 1.7). Then, an alkali 

(sodium hydroxide or lime) is used to increase its pH above the brucite precipitation 

point of 10.5. To produce MgO with a low content of Ca, the sodium hydroxide is 

usually used (equation 1.8). And lime, which generally comes from dolomitic limestone, 

is employed to decrease the amounts of additive required (equation 1.9). After the 
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brucite slurry is filtered, the obtained filter cake starts to decompose at 350C and the 

decomposition rate rapidly rises above this temperature, which requires the higher 

consumption of energy than that of the calcination of magnesite. The calcination of 

Mg(OH)2 involves heating a filter cake which contains the Mg(OH)2 solids content of 

50-72% (equation 1.10). Several inconsequential processes would take place during this 

calcination, including filter cake dehydration, dry Mg(OH)2 decomposition as well as 

MgO sintering. A critical step in this process is to calcinate Mg(OH)2 at the 

temperatures of 700-1000 C to produce MgO. Then the produced reactive MgO 

powder can be either briquetted before firing at 1900 C for obtaining a refractory grade 

material, or employed as a raw material to produce magnesium chemicals. The 

properties of MgO are greatly influenced by the calcining time, temperature, 

atmosphere, impurity and Mg(OH)2 morphology. Hence, the economics and 

performance of the calcining process as well as the product quality can be significantly 

affected by a number of variables [52]. In additional, it is difficult to remove the 

chemically bound water from Mg(OH)2 without raising the temperature above 1000 C 

[53].  

Ca(HCO3)2 +H2SO4 → CaSO4+2CO2 ↑ +2H2O             (1.7) 

CaO +H2O + MgCl2 → Mg(OH)2 ↓ +CaCl2                      (1.8) 

CaO + MgO + 2H2O + MgCl2 → 2Mg(OH)2 ↓ +CaCl2       (1.9) 

Mg(OH)2 + Heat → MgO +H2O                        (1.10) 
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Figure 1.15 A flowscheme for the production of high quality chemical and refractory 

grade MgO from seawater or MgCl2 brine. (Reprinted with permission from Ref. [52]).  

1.4.4 MgO applications 

According to the sintering temperature used, MgO is generally divided into three 

categories: light-burned MgO or CCM (about 800-1000 C) with the highest reactivity 

and largest surface area, dead burned MgO or periclase or dead burned magnesia (DBM) 
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(about 1400-1800 C) with the very low surface area and almost non-reactive, and fused 

magnesia (FM) or fused MgO (about 2800 C) usually with the lowest reactivity. The 

MgO can also be classified into the refractory grade and chemical grade based on its 

use. The main properties [47] of MgO are shown in Table 1.2. Due to the favorable 

properties of MgO, including its high thermal conductivity, mechanical strength, 

electrical resistance, excellent resistance to corrosion as well as fire, nontoxicity and 

antibacterial activity, low susceptibility to hydration [49], it is widely used in a wide 

range of fields, which are shown in Figure 1.16.  

Table 1.2 Physical properties of magnesia.  

Item  Value  

Melting point (C) 2800 

Boiling point (C) 3600 

Density (g/cm3) 3.8 (25C) 

Thermal conductivity (cal s-1 cm-2 C-1 cm) 0.03 -0.1 (sintered) 

Thermal expansion coeffcient (×10-6/C) 12-16 (sintered) 

Specific heat capacity (J K-1 mol-1) 37-61 

Specific electrical resistance (Ω) 9×107 (900C) 

 

As the most essential raw material, MgO is used to produce refractory materials, 

such as bricks, crucibles and furnace linings. MgO can also be applied to the bottoms 

and walls of electrical furnaces and open-hearth, as well as in magnesium bricks for 

oxygen converters in the steel industry [54]. MgO is also widely applied in construction 

materials especially in the cement materials. The use of MgO can decrease the thermal 
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shrinkage [55], speed up construction process through continuously casting concrete as 

requiring less cold-joints, and reduce the concrete cost by decreasing cooling measures 

which are quite costly. This leads to a rapid increase in interest in the field of MgO-

based cements [56]. The dielectric properties of MgO make it very suitable to produce 

the insulating materials in ceramic industry. MgO may also be employed as a raw 

material to produce magnesium salt compounds (such as MgSO4) in the chemical 

industry and as a desulfurizer or neutraliser in the field of environmental protection [57]. 

Due to its nontoxicity, MgO can be used in the pharmaceuticals industry, such as an 

acid neutraliser for the treatment of stomach ulcers, increased intestinal fermentation as 

well as gastric hyperacidity. Moreover, it can also be used for the production of 

fertilizers in agriculture as well as magnesium metal and alloys and other fields [49].  

Currently, high-purity, high-density, high-strength magnesia refractories are the 

key development direction. The relevant researches have been widely and deeply 

investigated in the world. The LTV Steel Corporation in the United States adopted slag 

splashing technology with magnesia-carbon bricks and the lining lives reached a record 

of 25,000 heats in 1998. The Mitsubishi Steel Corporation in Japan not only used 

magnesia-carbon bricks in the hot spot and slag line of AC electric furnaces to double 

its service life, but also in the bottom of DC electric furnaces with the highest lining 

lives of 8746 times [58,59]. 
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Figure 1.16 Main applications of magnesia.  

1.5 Technologies for light calcination of magnesite  

As reviewed above, light calcination of magnesite is the first step and the most 

commonly used method for MgO production in the MgO-based industry to obtain the 

CCM. The main technologies for light calcination of magnesite are reviewed as follows. 

1.5.1 Reverberatory furnace 

As mentioned earlier, the most widely used technology, for decades, is the 

reverberatory furnace. It has high energy consumption, long reaction time, poor 

feedstock adaptability, unsteady product quality and serious environmental pollution [3]. 

As shown in Figure 1.17, the reverberatory furnace is a fixed bed calcination reactor 

[60], in which the high-temperature flue gas generated from fuel gas combustion passes 

through the magnesite bed from bottom to top to perform the light calcination of 

magnesite. In order to ensure the gas permeability of bed and reduce the pressure drop, 

the reverberatory furnace can only use large-size magnesite particles in 30-80 mm. As 
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a result, massive small-size magnesite produced in mining and processing are difficult 

to be used. The large-size feedstock also makes the reaction time in RF even up to 3-5 

h and a low production capacity of about 30 t/d for one furnace. It also causes the so-

called phenomena of over-burning on surface and insufficient-burning in inner part, 

leading to the unstable quality of CCM and the low activity of products [61]. 

 

Figure 1.17 Schematic process-flow diagrams of reverberatory furnace [60].  

1.5.2 Rotary kiln 

The center of rotary kiln is a cylindrical reaction tube, and the outside of reaction 

tube is a combustion chamber which is used to provide energy for the magnesite 

calcination by fuel combustion through uniformly heating the reaction tube. In a rotary 

kiln, the feedstock is forced to move axially through kiln rotation. The raw material is 

fed at one end of the kiln and consecutively passes through the zones of heating, 

combustion/calcination, cooling. The heat required is provided through fuel 
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combustion in the combustion zone. The quality of final product (usually the density, 

determined by analysis in a laboratory) can be manually controlled by human operators 

in fixed time intervals. In addition, for a given fuel supply, it is the responsibility of 

operators to adjust the speed of rotation. The continuous operation ensures uniform 

filling in the kiln throughout the process [62].  

Luan et.al. modified the rotary kiln through external heating and heat recovery to 

produce CCM from waste magnesite ore [63]. The calcination of magnesite in the rotary 

kiln is accompanied by the formation of a large amount of flue dust entrained by the 

combustion gases. A self-regulating feeder with a radial diffusive burner has been 

developed for the rotary kiln by Jan Spisak et.al. Flue dust reduction has been realized 

through increasing the thickness of the layer of the material passing through the kiln 

and raising the intensity of process using radial diffusive burner [64]. Compared with the 

reverberatory furnace, the rotary kiln occupies the obvious superiority such as large 

capacity, high mechanization level, simple maintenance operation, high product activity. 

However, it still exists the problems of sticking and high energy consumption in the 

industrial calcination process. 

1.5.3 Fluidized bed furnace  

Fluidized bed furnace has the characteristics of fast heat transfer, mass transfer and 

reaction, high-efficiency production, uniform product quality, also suitable for powder 

materials. As shown in Figure 1.18, the fluidized bed furnace system is mainly 
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composed of feeding equipment, furnace body for reaction, heat exchanger, separators 

for product recovery and product storage tank. Through a series of laboratory research 

and small-scale and semi-industrial tests, its industrial demonstration was carried out 

in Liaoning Magnesium Mine Company in 1984. Compared with the rotary kiln, the 

fluidized bed furnace has not only good product quality, but also the superiorities of 

low investment, simple structure, low fuel consumption, stable and easy operation [65]. 

Since there is no further heat recovery of the high-temperature flue gas (about 650 C), 

the energy consumption is still high. 

 

Figure 1.18 Scheme of the fluidized bed furnace system [65].  
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1.5.4 Suspension furnace 

In the suspension furnace system, small-size magnesite particles are blown into 

the reactor by the gas heat carrier and remained a suspending state. The heat and mass 

transfer in the suspension furnace is much greater than that in the fixed bed and 

fluidized bed. A scheme of suspension furnace system is shown in Figure 1.19. A MgO 

plant with a production capacity of 50,000 ton per year has been in operation at 

Veitscher Magnesitwerke AG in Austria since 1984. A flotation concentrate of natural 

magnesite with a moisture content of about 7% and an average particle size of 100 m 

was used as a feedstock. The production of a calcine with a residual loss on ignition of 

less than 0.6% required the energy consumptions of about 4,400-4,600 kJ/kg product 

depending on the discharge temperature of 500-700 °C. The plant has five stages in the 

heating system while only one cooling cyclone is equipped since the calcined product 

is then hot-briquet ted. The calcined briquettes are sent to a shaft kiln to produce high-

quality MgO sinter [66].  

In 1987, Xu et al. designed a dilute phase reactor (i.e., magnesite flash calciner, 

MFC) for the light calcination of magnesite. It is composed of a two-stage cyclone 

preheater, a suspension calciner and a one-stage cyclone cooler. Compared to those 

fixed bed calciners, MFC can produce higher active CCM within a shorter reaction time 

[67]. In 1988, the Liaoning Magnesite Corporation introduced a 150 t/d light-burned 

magnesite suspension furnace from Europe. The raw material is flotation concentrate 

with particle size below 200 m, and heavy oil is employed as fuel. The designed 
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temperature of light calcination is 800-1000 C, and the corresponding energy 

consumption is 4180-5016 kJ/kg-CCM. Although the suspension furnace is very 

suitable for powder magnesite calcination, it also has shortcomings such as difficult 

adjustment of production parameters, poor raw material adaptability, material blocking 

and high energy consumption. Currently, there are more than 20 suspension furnaces 

built and planned in Liaoning province, but only some of them can be produced 

continuously and stably [68].  

 

Figure 1.19 Scheme of the suspension furnace system. (Reprinted with permission 

from Ref. [66]).  
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1.5.5 Multiple hearth furnace 

The multiple hearth furnace is a thermal equipment that employs multi-hearth for 

continuous production, as shown in Figure 1.20. In a multiple hearth furnace, the slow-

turning rake guarantees the radial movement in a zigzag pattern to continuously lower 

the hearths through ports on the floor of each hearth. Simultaneously, the hot gas 

generated from fuel combustion is fitted to each hearth and passes through the materials. 

In generally, an electroprecipitator is adopted to remove the dust entrained with exhaust 

or rising gas before venting the gas. Then, it is circulated to the furnace either to the 

perimeter of one of the lower hearths whose operation temperature is higher than 

exhaust gas or with the normal feeding. The materials radially move towards the rake 

shaft to avoid short circuiting when materials flow to the next lower hearth. Through a 

screw conveyor, the active MgO is usually separated from the circumference of the 

lowest hearth [52].  

In the 1970s, multiple hearth furnaces were used to produce CCM in Japan, North 

Korea, Greece, and Brazil. In the 1980s, China Metallurgical Coking Resistant 

Engineering Technology Co., Ltd. (formerly Anshan Coking Resistant Fire Material 

Design and Research Institute) carried out magnesite calcination test in the multiple 

hearth furnace. After 2000, Liaoning Aoding Magnesium Industry Co., Ltd. and 

Haicheng Haiming Mining Co., Ltd. successively introduced European equipment for 

magnesia production. The size and number of hearths are determined according to the 

requirements of capacity and thermal efficiency. Multiple hearth furnace can handle 
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raw materials in 0-40 mm and its annual output is generally about 100,000 tons CCM. 

The temperature and reaction time in each hearth can be controlled to ensure uniform 

calcination, good product quality and high activity. Its energy consumption is usually 

5400-6200 kJ/kg-CCM. Automatic production can be realized, and the exhaust gas can 

be collected and treated in a centralized way [68]. However, the heavy equipment and 

high investment of multiple hearth furnace restrict its industrial applications. 

 

Figure 1.20 A scheme of the multiple hearth furnace [69].  

1.5.6 Transport bed flash calciner 

Jiang et al. [70] explored the feasibility of fluidization calcination for magnesite 
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using a micro fluidized bed, and found that the light calcination process can be finished 

in a few seconds. Based on this innovative concept, Shenyang University of Chemical 

Technology proposed a transport bed flash calcination process for CCM production, as 

shown in Figure 1.21. A transport bed calciner is employed to substitute the traditional 

reverberatory furnace, for which small magnesite powder can also be effectively used 

as a raw material. In this transport bed reactor, the high-temperature flue gas generated 

from fuel gas combustion is rapidly mixed with magnesite powder so that the 

production efficiency and product stability are greatly improved. Sun et al. [71] 

investigated the calcination of magnesite in a laboratory-scale transport bed, and found 

that the conversion of magnesite powder (<150 m) reached 98% in only 1-2 seconds 

with significantly higher activity of product compared with that from fixed bed calciner, 

corroborating the feasibility of transport bed flash calcination for high-efficiency 

calcination magnesite. 

 
Figure 1.21 A schematic diagram of transport bed flash calcination process. 
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1.6 Objectives and scope of this dissertation 

As reviewed above, CCM is traditionally produced by the combination of water 

gas generator and reverberatory furnace. It has high energy consumption, bad feedstock 

adaptability, long reaction time, unsteady product quality and serious environmental 

pollution. The need of upgrading for CCM production technology is urgent. Two-stage 

fluidized bed gasification is more attractive and economical for fuel gas production in 

mid- and small-scale plants due to excellent heat/mass transfer, adaptability to low rank 

fuels with a very low tar content and no phenolic waste water. Meanwhile, transport 

bed flash calcination can adopt small magnesite powder as the feedstock for CCM 

production with high efficiency and product stability. Hence, the objectives of this study 

focus on obtaining the high energy efficiency for light calcination of magnesite in the 

CCM production through a two-stage fluidized bed gasification system with a transport 

bed flash calcination process. 

The introduction is considered as Chapter 1, in which the gasification technology, 

two-stage gasification, MgO-based industry and light calcination technology of 

magnesite are reviewed. It presents several typical two-stage gasification technologies 

and main technologies for light calcination of magnesite. 

Chapter 2 presents a two-stage fluidized bed gasification system of coal with high 

water content simulated by Aspen Plus to identify the effect of pre-drying for coal on 

gasification performance, particularly energy efficiency. The analysis of energy 

allocations is conducted to further illustrate the effect of the pre-drying of coal on 
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energy efficiency. 

Chapter 3 focuses on a transport bed flash calcination process applied to 

magnesite, in which the process performance and energy efficiency is systematically 

investigated by varying with the number of heat-exchange stages and residence time of 

particles in preheaters through a process simulation. Pre-decomposition of magnesite 

during preheating is considered on basis of the kinetics measured using a micro 

fluidized bed reaction analyzer that allows the minimized effect of external diffusion 

on reaction. The acquired results for the transport bed flash calcination process are also 

compared with those of reverberatory furnaces and magnesite flash calciner processes.  

In chapter 3, the kinetic parameters obtained by measuring magnesite calcination 

in air using a micro fluidized bed reaction analyzer (MFBRA) are adopted. While, due 

to fuel gas combustion, the magnesite calcination actually occurs under the product gas 

containing inhibited atmosphere. However, the difficulties arose as how to distinguish 

between product gas CO2 and fluidized gas CO2 because the reaction kinetics data are 

determined based on the measurement of time-series of product gas species in MFBRA. 

Liu et al. [72] introduced the isotope-tagging method while the Mg13CO3 was not 

available and the similar carbonate Ca13CO3 was available. Thus, the kinetics of 

Ca13CO3 decomposition in the presence of CO2 by MFBRA were obtained and results 

showed that the initial temperatures of CaCO3 decomposition under thermal 

equilibrium simulation are very close to that of MFBRA, indicating that MFBRA is 

indeed approaching to the real reaction kinetics in the product gas strongly inhibited 
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atmospheres [72]. Following this, in Chapter 4, the detailed CaCO3 decompositions 

under different flue gas atmospheres and different pressures through simulation are 

performed to provide more fundamental and complete information for the reaction in 

the product gas strongly inhibited atmospheres and certain reference values for 

industrial applications.  

Finally, the general conclusions of this research and outlook for future work are 

summarized and discussed in Chapter 5.  
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CHAPTER 2 

Process analysis of a two-stage fluidized bed gasification 

system with and without pre-drying of high-water  

content coal 

2.1 Introduction 

As the most abundantly reserved fossil fuel, coal remains an important energy and 

carbonaceous material source today and will be for the foreseeable future. Compared 

to other fossil fuels such as crude oil and natural gas, coal is more carbon intensive,[1] 

and therefore determining how to utilize the vast reserves more efficiently and less 

carbon emission has been a challenge. Gasification technology has been developed 

worldwide for more efficient and clean use of coal as a feedstock and energy resource.[2] 

Compared to direct combustion, gasification provides opportunities for coal to be used 

more efficiently and cleanly with significant carbon emission reduction, since the 

produced gas (fuel gas or syngas) from gasification can be used not only for the 

generation of heat and power but also manufacturing of value-added chemical 

products.[3,4]  

Several types of gasifiers, including fixed bed, fluidized bed, and entrained bed, 

have been developed for the gasification of coal.[5-7] For fuel gas production, fluidized 

bed gasifiers are more attractive and economical for applications in mid- and small-
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scale plants due to excellent heat/mass transfer, adaptability to low rank and wider 

particle size distribution of solid fuels.[8,9] 

Two-stage fluidized bed gasification (TSFBG) is an advanced gasification 

technology that consists of two subprocesses, namely, fuel pyrolysis and pyrolysis 

products gasification. By employing such a two-stage gasification technology, tars on 

the surfaces of chars produced in the pyrolysis process can be catalytically and/or 

thermally cracked in the high temperature gasification process; therefore, a fuel gas 

with a very low tar content can be produced, which is vital for industrial processes. In 

addition, TSFBG has attracted an increased amount of attention because it can use 

powdered coals (eg, below 10 mm) and no phenolic waste water is produced. To 

promote the TSFBG technology, a demonstration plant with a processing capacity of 

600 kg/h of herb residues was designed and built by the Institute of Process Engineering, 

Chinese Academy of Sciences, China. The operation of this demonstration plant 

yielded fuel gas with a tar content below 100 mg/Nm3 (dry basis), which is significantly 

lower than that of 5 g/Nm3-12 g/Nm3 (dry basis) in the product gas that is typically 

produced from circulating fluidized bed gasifiers.[10] 

In addition, TSFBG can effectively reduce the need for steam as a gasification 

agent due to its ability to handle fuels with high water content, in which water contained 

in the fuels can substitute some of the steam. As a result, a lower energy consumption 

or a higher energy utilization efficiency is realized, which is technologically and 

economically critical for industrial applications. Process simulation plays an important 
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role in the development of new technologies in the processes of design and 

optimization.[11,12] Numerous simulation works have been carried out to investigate 

gasification processes in entrained beds,[12-14] fixed beds,[15-17] and fluidized beds.[18-21] 

These works focused mainly on understanding effects of process parameters such as 

temperature, equivalence ratio (ER), and steam to coal ratio (S/C) on the gasification 

performance commonly characterized by the composition and lower heating value 

(LHV) of the produced gas, carbon conversion, cold gas efficiency (CGE), and thermal 

efficiency. However, to the best of our knowledge, a limited amount of research has 

been conducted to gain an understanding of the effect of pre-drying fuels with high 

water contents on the gasification process. This study presents a comprehensive TSFBG 

process simulation, focusing on quantifying the effect of pre-drying fuels on the 

gasification performance, especially on the overall energy efficiency. The results can 

provide vital information that can serve as a guide for the industrial design and 

application of the TSFBG technology. 

2.2 Methods and models 

2.2.1 Process description 

A schematic process flow diagram of the TSFBG system is shown in Figure 2.1. 

The system can be operated with/without fuel pre-drying. In cases of fuel pre-drying, 

coal is fed to a dryer and then is brought into a fluidized bed pyrolyzer (ie, the first 

stage). During this stage, coal with a certain water content is autothermally pyrolyzed 
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or partially oxidized. Then, all the pyrolysis products overflow to the next gasification 

reactor (the second stage of the TSFBG), in which the pyrolysis gas and char produced 

in the first stage are gasified and reformed. In the second stage, tars are catalytically 

and thermally cracked at a high temperature so low-tar fuel gas is produced. After 

exiting the gasifier, the fuel gas is separated from ash by a cyclone separator and then 

is directed into a heat exchanger to generate a preheated air or oxygen-steam mixture 

as the gasification agent. Next, the fuel gas is supplied to a boiler for steam generation. 

A part of the produced steam is directed to the heat exchanger to be utilized as the 

gasification agent, and a portion of the produced steam is supplied to the dryer for 

drying of the fuel. The rest of the produced steam is outputted as a by-product. After 

passing through the boiler, the fuel gas product is obtained by removing the fly ash 

further using a bag filter.[22] In cases without fuel pre-drying, the coal with an original 

water content is directly fed into the pyrolyzer. The steam, that is used for fuel drying 

in the pre-drying operations is outputted as a by-product. 
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Figure 2.1 Schematic process flow diagram of two-stage fluidized bed gasification with 

pre-drying of coal. 

2.2.2 Simulation approach 

The TSFBG system is simulated by the commercial process simulator Aspen Plus. 

Coal, with the properties shown in Table 2.1, is employed as the representative fuel in 

the simulation. The representative unit and corresponding Aspen Plus models used in 

the simulation are outlined in Table 2.2.  

For all simulations of the TSFBG system with and without fuel pre-drying, the 

temperature of gasification and the carbon conversion are set at 900C and 90%, 

respectively. The temperature of gasification is attained by adjusting the flowrate of 

air/oxygen. The system is operated at around atmospheric pressure, except for the steam 
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that is set at a pressure of 1 MPa. In this work, the S/C is defined in the following 

equation:  

S/C =
mw + ms

mc
                                                 (2.1) 

where mw and ms are the mass of water in the coal and steam into the gasifier, 

respectively; and mc is the mass of coal into gasifier based on dry basis.  

In this study, the TSFBG performances with mixtures of air/steam and 

oxygen/steam as gasification agents respectively are investigated. The corresponding 

S/C ratios are set from 0.35-0.55. If the water contained in the coal is not enough to 

attain the preset S/C ratio, a supplementary steam is added into the gasifier. On the other 

hand, when the water contained in coal meets or exceeds the requirement, no additional 

steam is required, and the simulation is conducted under the corresponding S/C ratio.  

Figure 2.2 depicts the Aspen Plus flow chart of the TSFBG system with the pre-

drying of coal. The coal feedstocks with the same dry mass are dried from the initial 

water contents of 15 wt.%-65 wt.% to 10 wt.% by steam in the dryer at 80C with a 

heat efficiency of 90%. Then, the coals dried at ambient temperature around 25C after 

storage in a silo are fed to the pyrolyzer where the coal is decomposed to various 

elements using the RYield model. The pyrolysis products (except the unconverted 

carbon of 10%) are transported into the gasifier and gasified at 900C. From the gasifier, 

30 wt.% of ash is taken as the bottom ash, which is discharged by the model SEP2. The 

remaining gasification products, with the unconverted carbon from the pyrolyzer, are 

directed to the heat exchangers to preheat the gasification agents of the air/oxygen-
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steam mixture to 500C and the air or oxygen to 300C. The gasification products are 

cooled to 120C after the boiler for steam production. The fuel gas is obtained as the 

final product after removing the fly ash, including the unconverted carbon, through a 

bag filter. The volumetric flowrate of air/oxygen is adjusted to attain a gasification 

temperature of 900C. The produced steam is split into three streams, one as 

gasification agent, another as drying medium, and the rest as by-product output.  

In the cases of no fuel pre-drying, the Aspen Plus flow chart is similar to Figure 

2.2 but with no dryer shown in the dotted line box. The coal feedstocks with original 

water contents of 10 wt.%-65 wt.% are directly fed into the pyrolyzer. The steam, which 

is used for coal drying in the pre-drying operations, is also outputted as a by-product. 

The main parameters of the TSFBG system simulations with and without the pre-drying 

of coal are tabulated in Table 2.3. 

Table 2.1 Proximate analysis and ultimate analysis of coal used in the simulation. 

Proximate analysis (wt.%, dry basis)   

VM 39.84 

ASH 22.43 

FC 37.73 

Ultimate analysis (wt.%, dry ash free basis) 

C 78.68 

H 5.53 

N 0.63 

S 2.71 

O (by difference) 12.45 
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Table 2.2 Representative unit and corresponding models used in the simulation. 

Unit 
Name in 

flow chart 

Aspen 

Plus 

model 

Specification 

Drying DRYREACT RYield Drying coal 

Separation SEP Sep Separating dried coal and steam 

Pyrolysis DECOMPOS RYield Decomposing coal to elements 

Separation SEP1 Sep Separating lost carbon 

Gasification GASIFIER RGibbs Gibbs gasifier 

Cyclone SEP2 SSplit Separating bottom ash and fuel gas 

Heater 

exchanger 
HEAT-1 HeatX 

Between fuel gas and air/oxygen-steam 

mixture 

Heater 

exchanger 
HEAT-2 HeatX Between fuel gas and air/oxygen 

Heater 

exchanger 
HEAT-3 HeatX Between fuel gas and water for steam 

Bag filter SEP3 SSplit Separating fly ash and produced gas 

 

 

Figure 2.2 Aspen Plus flow chart of two-stage fluidized bed gasification with coal pre-

drying. 
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Table 2.3 The main parameters of the two-stage fluidized bed gasification system 

simulations. 

Process parameter   Value  

Temperature of gasification (C) 900 

Carbon conversion 90% 

Pressure of produced steam (MPa) 1  

Temperature of agent into gasifier (C) 500 

Temperature of produced gas (C) 120 

Temperature of dryer (C) 80 

Heat efficiency of dryer  90% 

Initial water contents of coal  10-65 wt.% 

Water content after pre-drying  10 wt.% 

 

2.2.3 Energy analysis 

To quantitively characterize the fuel gas production by the TSFBG using coals 

with and without pre-drying, the following parameters are calculated: 

ER:  ER =
Ra

Rs
                                                 (2.2) 

where Ra is the actual air/oxygen to fuel ratio and Rs the stoichiometric air/oxygen 

to fuel ratio. ER > 1 represents a lean fuel process, while ER < 1 indicates a fuel rich 

process or incomplete combustion. ER = 1 indicates stoichiometric combustion, where 

all the fuel in the gasifier is completely oxidized and transformed into H2O and CO2.[13] 

CGE: CGE % =
 Qgas LHV

Qgc LHV + Qgs 
×100%                              (2.3)   
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where Qgas LHV is the LHV of the produced fuel gas, Qgc LHV and Qgs are the energy 

inputs to gasifier from the coal based on LHV and the steam, respectively. 

Energy efficiency:   LHV % =
 Qgas LHV  + Qbp 

Qsc LHV + Qes
×100%             (2.4) 

HHV % =
 Qgas LHV + Qbp

Qsc HHV + Qes
×100%                               (2.5) 

where Qbp is the energy of by-produced steam and Qes is the energy of extra steam 

if the produced steam is not enough for drying; Qsc LHV and Qsc HHV are the energy inputs 

to the system of coals based on LHV and higher heating value (HHV), respectively. Δ 

is the subtraction of energy efficiency (LHV/HHV) without and with pre-drying. 

In order to illustrate and compare the influence of the fuel pre-drying on the 

gasification performance, especially on the system energy efficiency, the energy 

allocations are also conducted, which will be discussed below. 

2.3 Results and discussion 

2.3.1 ER and surplus steam for gasification with air 

For the TSFBG systems with and without pre-drying, the required ER values and 

steam supply rates are calculated as functions of the initial water content of coal. The 

results are shown in Table 2.4. In the cases without pre-drying, when the initial water 

content is increased from 10 wt.% to 65 wt.%, the ER changes from 0.307 to 0.555 in 

order to maintain the gasifier at the preset temperature, which corresponds to the air 

consumptions of 1.948 Nm3/kg to 3.527 Nm3/kg dry coal. When the initial water 

contents are 10 wt.%, 15 wt.%, and 20 wt.%, the water contained in the coal alone 
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cannot meet the requirement of S/C= 0.35, and thus, an additional 0.24 kg-steam/kg dry 

coal, 0.17 kg-steam/kg dry coal, and 0.10 kg-steam/kg dry coal are needed to make up 

the shortages. For the water content of 26 wt.% and above, the water in the coal is more 

than what is required to maintain S/C=0.35, no additional steam is added into the 

gasifier, and the corresponding steam is produced as a by-product. For the TSFBG 

system with pre-drying, the coal with the initial water contents ranging from 15 wt.%-

65 wt.% is dried to 10 wt.% of the final water content in the dryer. For the coal pyrolyzer 

and gasifier, this is equivalent to receiving a coal feed with an initial water content of 

10 wt.%, thus, the required ERs and air consumptions are the same as when an initial 

water content of 10 wt.% of coal is used in the case of no pre-drying. However, the 

amount of the steam for drying is required to be increased from 0.14 kg/kg to 2.50 kg/kg 

dry coal when the initial water content is increased from 15 wt.% to 65 wt.%. 

Accordingly, the by-produced steam is reduced. Note that for the initial water contents 

of 50 wt.% and 65 wt.%, the water contained in the coal is too high and some extra 

steam supplements are required for drying, which is reflected by the negative values of 

the by-produced steam.  
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Table 2.4 Results of equivalence ratio (ER) and surplus steam with gasification agent 

of air/steam. 

Initial water  

content of coal 
ER 

Consumed 

air  

(Nm3/kga) 

Steam (kg/kga) 

To 

gasifier   

For 

drying  

By-

product  

Without 

pre-

drying 

10 wt.% 0.307 1.948 0.24 0.00 0.69 

15 wt.% 0.314 1.998 0.17 0.00 0.78 

20 wt.% 0.323 2.055 0.10 0.00 0.88 

26 wt.% 0.336 2.132 0.00 0.00 1.01 

35 wt.% 0.361 2.292 0.00 0.00 1.16 

50 wt.% 0.426 2.706 0.00 0.00 1.52 

65 wt.% 0.555 3.527 0.00 0.00 2.18 

With pre-

drying to 

10 wt.% 

15 wt.% 0.307 1.948 0.24 0.14 0.55 

20 wt.% 0.307 1.948 0.24 0.25 0.44 

26 wt.% 0.307 1.948 0.24 0.39 0.30 

35 wt.% 0.307 1.948 0.24 0.65 0.04 

50 wt.% 0.307 1.948 0.24 1.30 -0.61 

65 wt.% 0.307 1.948 0.24 2.50 -1.81 

a Results calculated on dry basis of coal. 

2.3.2 Gas composition and yield for gasification with air 

Figure 2.3A shows variations in the concentrations of CO, CO2, and H2 in fuel gas 

with the initial water content of coal fed directly to the pyrolyzer without drying. When 

the initial water content of the coal is increased from 10 wt.% to 26 wt.%, the 

concentrations of CO and H2 decrease gradually along with an increase in CO2 
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concentration. This is because with the higher water content of coal, more cold water 

is added to the gasifier and more CO and H2 need to be combusted in order to maintain 

the temperature of gasification. When the initial water content is greater than 26 wt.%, 

the water supplied to the gasifier is supplied entirely from the water of the coal, and 

thus an increased amount of combustion of CO and H2 is required to maintain the 

gasification temperature. As a result, the decrease in CO and the increase in CO2 

become sharper. However, the H2 concentration increases slightly and is followed by 

another gradual decrease. When there is higher water content in the coal, which leads 

to higher S/C ratios, both the H2 consumption by combustion and production by water-

gas shift reaction, which is shown by the increase in the H2 yield shown in Figure 2.3B, 

are simultaneously enhanced. When the initial water content of the coal is gradually 

increased from 26 wt.% to 50 wt.%, the H2 production by the water-gas shift reaction 

exceeds the consumption by combustion, and consequently leads to gradual increases 

in H2 yields. Further increasing the water content from 50 wt.% to 65 wt.%, due to too 

much water brought into the gasifier, causes the H2 to start declination since the 

combustion plays a controlling role. Note that the maximum H2 concentration and yield 

appear at different initial water contents, one at 35 wt.% and the other at 50 wt.%. This 

may be due to the difference in the relative extent of N2 dilution introduced with air. 

More N2 added to the gasifier may lead to an increase in the total produced gas when 

the initial water content of the coal is increased. As stated earlier, for the gasification 

with initial water contents from 15 wt.%-65 wt.% drying to 10 wt.%, the results of the 
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corresponding gas composition and yield are the same as the gasification without pre-

drying with an initial water content of 10 wt.%. 

 

 

Figure 2.3 Influence of initial water content of coal on: A, fuel gas composition; and 

B, yield with air/steam as gasification agent and without the pre-drying of coal. 
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2.3.3 LHV and CGE for TSFBG with air 

The influences of the initial water content of coal on the LHV and CGE are shown 

in Figure 2.4. For the TSFBG without pre-drying, the LHV of the produced fuel gas 

reduces gradually as the initial water content of the coal is increased from 10 wt.% to 

26 wt.%, owing to the diluting effect of N2 and reductions in H2 and CO due to 

combustion. Although there is a slight increase in H2 production between 26 wt.% and 

50 wt.% of the initial water content, a more drastic reduction in the CO production and 

increasingly enhanced N2 dilution yield an accelerated declination in LHV of the 

produced gas when the initial water content of the coal is continuously increased above 

26 wt.%. With the increase in the initial water content, the CGE increases gradually to 

a maximum of about 79% at an initial water content of 26 wt.% and then decreases 

remarkably. A gradual increase in CGE from 10 wt.% to 26 wt.% of the initial water 

content of the coal contributes to the increase in gas yield and the reduction of steam 

into gasifier. When the initial water content of the coal is increased from 26 wt.% to 65 

wt.%, the reduction in LHV of the produced gas mainly leads to a decrease in CGE 

from about 79% to 55%. As stated earlier, for the TSFBG with initial water contents 

from 15 wt.% to 65 wt.% drying to 10 wt.%, the results of the corresponding LHV and 

CGE are the same as that of gasification without pre-drying with an initial water content 

of 10 wt.%. 
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Figure 2.4 Influences of initial water content of coal on lower heating value and cold 

gas efficiency with air/steam as gasification agent and without the pre-drying of coal. 

2.3.4 Effect of gasification agent on performance 

The influences of gasification agents including oxygen/steam and air/steam on ER, 

produced gas, and surplus steam are presented in Table 2.5. For gasification without 

the pre-drying of coal with an initial water content from 10 wt.% to 65 wt.%, the ER 

values are 0.279-0.501 with oxygen/steam as gasification agent, which are lower than 

0.308-0.555 with air/steam. This indicates that even for the gasification of the same 

feeding coal, to attain the same and constant temperature of gasification, the use of 

air/steam as gasifying agent requires higher ER to make up the heat loss of N2 

introduced with air. Different from the progressive increase in the total produced gas 
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yields with air/steam as gasification agent, the total produced gas yields with oxygen 

/steam show an overall downward trend, except for an increase at an initial water 

content of 50 wt.%. For the gasification with oxygen/steam, since there is no 

introduction of N2, the increase and decrease of the total produced gas yield can be 

attributed to the controlling role of the water-gas shift reaction and CO and H2 

consumptions by combustion, respectively. The LHV of the produced gas with 

oxygen/steam decreases from 10.52 MJ/Nm3 to 6.93 MJ/Nm3 when the initial water 

content of coal is increased from 10 wt.% to 65 wt.%, which is much higher than that 

from 5.56 MJ/Nm3 to 2.37 MJ/Nm3 with air/steam. Table 5 also shows that the by-

produced steam of gasification with oxygen/steam is about 0.2 kg/kg-0.5 kg/kg lower 

than that with air/steam. Figure 2.5 shows that the CGE of gasification using 

oxygen/steam is about 3%-9% higher than that using air/steam due to the higher LHV 

of the produced gas and reaches a maximum of about 81%, compared to 76% using 

air/steam, both at 35 wt.% of initial water content of coal.
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Table 2.5 Results of equivalence ratio (ER), produced gas, and surplus steam using different gasification agents. 

Initial water  

content of coal  

Gasification 

agent 
ER 

Consumed 

air/oxygen 

(Nm3/kga) 

TPGY 

(Nm3/kga) 

LHV 

(MJ/Nm3) 

Steam (kg/kga) 

To 

gasifier  

For 

drying  

By-

product  

Without 

pre-

drying 

10 wt.% air/steam 0.308 1.960 3.39 5.56 0.44 0.00 0.58 

20 wt.% air/steam 0.325 2.068 3.45 5.31 0.30 0.00 0.77 

35 wt.% air/steam 0.361 2.293 3.57 4.80 0.01 0.00 1.16 

50 wt.% air/steam 0.426 2.706 3.92 3.79 0.00 0.00 1.52 

65 wt.% air/steam 0.555 3.527 4.45 2.37 0.00 0.00 2.18 

With pre-

drying to 

10 wt.% 

20 wt.% air/steam 0.308 1.960 3.39 5.56 0.44 0.25 0.33 

35 wt.% air/steam 0.308 1.960 3.39 5.56 0.44 0.65 -0.07 

50 wt.% air/steam 0.308 1.960 3.39 5.56 0.44 1.30 -0.72 

65 wt.% air/steam 0.308 1.960 3.39 5.56 0.44 2.50 -1.92 

Without 

pre-

drying 

10 wt.% oxygen/steam 0.279 0.372 1.88 10.52 0.44 0.00 0.31 

20 wt.% oxygen/steam 0.294 0.393 1.86 10.38 0.30 0.00 0.49 

35 wt.% oxygen/steam 0.326 0.436 1.81 10.09 0.01 0.00 0.85 



73 

 

50 wt.% oxygen/steam 0.385 0.514 1.85 8.74 0.00 0.00 1.16 

65 wt.% oxygen/steam 0.501 0.669 1.77 6.93 0.00 0.00 1.71 

With pre-

drying to 

10 wt.% 

20 wt.% oxygen/steam 0.279 0.372 1.88 10.52 0.44 0.25 0.06 

35 wt.% oxygen/steam 0.279 0.372 1.88 10.52 0.44 0.65 -0.34 

50 wt.% oxygen/steam 0.279 0.372 1.88 10.52 0.44 1.30 -0.99 

65 wt.% oxygen/steam 0.279 0.372 1.88 10.52 0.44 2.50 -2.19 

Abbreviations: TPGY, total produced gas yield; LVH: lower heating value. 

a Results calculated on dry basis of coal. 
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Figure 2.5 Influence of gasification agent on cold gas efficiency. 

2.3.5 Energy efficiency of TSFBG with air 

The effect of pre-drying of coal on energy efficiency LHV at different initial water 

contents is illustrated in Figure 2.6A. Without the pre-drying of coal, LHV gradually 

increases from about 89% to 91% when the initial water content increases from 10 wt.% 

to 26 wt.%, and then gradually reduces to 86% when the initial water content of the 

coal continuously increases to 65 wt.%. With the pre-drying of coal, LHV decreases 

continuously as the initial water content increases from 15 wt.% to 65 wt.%. The result 

of ΔLHV in Figure 6A shows clearly how the lack of pre-drying increases the LHV of 

gasification system. The LHV increases by about 1.5%-7% when the initial water 
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contents of coal are in the range of 15 wt.%-65 wt.%. The higher the water content, the 

greater the increased energy efficiency without the pre-drying. When the initial water 

content is below 26 wt.%, ΔLHV increases by about 1.4% with every 5% increase in 

water content. The ΔLHV further increases from about 4.4% to 6.9% when the initial 

water content of coal is increased from 26 wt.% to 65 wt.%. For the industrial 

application, the energy efficiency and quality of fuel gas are the highest concerns. The 

LHV of the produced fuel gas in Figure 2.4 is the indicator of the quality of the fuel 

gas. The dashed line in Figure 6A clearly indicates that without the pre-drying the LHV 

with high initial water content of 50 wt.% is still comparable with that of a low initial 

water content of 10 wt.% with an acceptable LHV of fuel gas. Although the LHV of 

TSFBG without the pre-drying of the initial water content of 65 wt.% is still about 86%, 

the corresponding LHV of the fuel gas is lower than 3.0 MJ/Nm3. This indicates that 

such a high water content may not be recommended in the practical process. Hence, for 

TSFBG using air/steam without the pre-drying, the preferred initial water content of 

coal is below 50 wt.%. 

The effects of the pre-drying of coal on energy efficiency HHV and ΔHHV at 

different initial water contents are illustrated in Figure 2.6B. In the case without the 

pre-drying of coal, HHV changes little between initial water contents of coal from 10 

wt.% to 26 wt.%; however, this reduces noticeably when the initial water content of 

coal is beyond 26 wt.%. With the pre-drying of coal, HHV decreases continuously with 

the increase in the initial water content of coal from 15 wt.% to 65 wt.%. Similar to 
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LHV, the pre-drying of coal reduces the HHV of the TSFBG system by about 1.5%-5%. 

These results indicate that the TSFBG system without the pre-drying of coal is superior 

in energy efficiency compared to the system with the pre-drying of coal. 

 

 

Figure 2.6 Influence of pre-drying of coal on: A, LHV and ΔLHV; and B, HHV and 

ΔHHV with air/steam as gasification agent at different initial water contents of coal. 
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2.3.6 Energy allocations of TSFBG with air 

To further illustrate the effect of the pre-drying of coal on energy efficiency, an 

analysis of energy allocations is conducted. Taking 26 wt.% of the initial water content 

of coal as an example, the energy allocations of TSFBG systems without and with the 

pre-drying of coal are comparatively shown in Figure 2.7A and B, respectively. It 

shows that the pre-drying of coal increases the energy allocation of the fuel gas HHV 

by about 4% but reduces the energy of by-produced steam by about 7.8%. Due to the 

higher yield of produced fuel gas as mentioned earlier, the energy allocation of the 

sensible heat of fuel gas of TSFBG without the pre-drying is about 0.4% higher than 

that with the pre-drying. However, the energy allocation of heat loss due to the drying 

of coal is about 4.2% of TSFBG with the pre-drying, mainly leading to the decrease in 

the total system energy efficiency. Additionally, since the feed coals on a dry basis are 

the same and the carbon conversion is considered as constant, energy allocation of the 

chemical energy of lost carbon and heat loss of ash are the same as about 8.0% and 

0.8%, respectively, in these processes. 
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Figure 2.7 Effect of pre-drying of coal in energy allocations with an initial water 

content of 26 wt.%. 

2.3.7 Effect of gasification agent on efficiency 

Figure 2.8 shows that variations in LHV and HHV of the TSFBG systems with the 

initial water content of coal using oxygen/steam as the gasification agent are similar to 

those with air/steam. Replacing air with oxygen increases energy efficiency for both 
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LHV and HHV by about 1% to 2% for both TSFBG systems with and without the pre-

drying of coal under all initial water contents simulated. For the TSFBG system without 

the pre-drying of coal using oxygen/steam, LHV reaches a maximum of about 91%, 

compared to about 90% using air/steam, both at 35 wt.% initial water content of coal. 

The value of LHV of gasification using oxygen/steam at 65 wt.% of initial water content 

of coal is about 0.6% higher than that at 10 wt.% of initial water content of coal, while 

the LHV of the same system using air/steam at 65 wt.% initial water content of coal is 

below that at 10 wt.% of initial water content of coal. From Table 2.5, we can see that 

the LHV of the fuel gas of the TSFBG system without the pre-drying of coal at an initial 

water content of 65 wt.% using oxygen/steam is still about 6.93 MJ/Nm3, which is much 

higher than 2.37 MJ/Nm3 when the air/steam is used. This indicates that the initial water 

content of 65 wt.% for TSFBG without the pre-drying using oxygen/steam can still be 

conducted. The result of ΔLHV in Figure 2.9 shows clearly that the increase in the 

energy efficiency without the pre-drying of coal at 65 wt.% initial water content using 

oxygen/steam is greater than that using the air/steam. These results suggest that TSFBG 

without the pre-drying of coal using the oxygen /steam possesses certain advantages 

over using air/steam, especially at a high water content. 

Allocations of energy for the TSFBG without the pre-drying of coal at an initial 

water content of 35 wt.% are shown in Figure 2.10 for the oxygen/steam and air/steam 

used respectively as gasification agents. It is obvious that the use of oxygen to replace 

air increases the heating value of the product gas by about 4.7% since there is no 
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dilution effect of N2 introduced with air. The energy of the by-produced steam when 

oxygen is used instead of air accounts for about 9.3% and is about 3.3% lower than that 

with the air/steam. It is worth noting that energy allocation of the sensible heat of the 

product gas with oxygen/steam as the gasification agent is about 1.4% lower than that 

with the air/steam, which is mainly responsible for the increase in energy efficiency. 
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Figure 2.8 Influence of gasification agent on: A, LHV; and B, HHV. 
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Figure 2.9 Influence of gasification agent on Δ. 
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Figure 2.10 Allocations of energy for the two-stage fluidized bed gasification system 

without pre-drying of coal at 35 wt.% initial water content of coal. 

2.4 Conclusions 

The TSFBG process has been investigated based on the Aspen Plus process 

simulation with a focus on examining the effect of coal pre-drying on gasification 

performance, especially on the overall energy efficiency. It shows clearly how pre-
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drying reduces the gasification system energy efficiency. Through a comprehensive 

analysis of the simulation results, the following conclusions can be obtained.  

➢ For the TSFBG system, the higher the water content, the greater the reduced 

energy efficiency through the pre-drying of coal. When the initial water content is 

below 26 wt.%, ΔLHV increases by about 1.4% with every 5 wt.% increase in water 

content. The ΔLHV further increases from about 4.4% to 6.9% when the initial water 

content of coal is increased from 26 wt.% to 65 wt.%. An analysis of energy allocations 

demonstrates that the heat loss due to the pre-drying of coal is mainly responsible for 

the reduction in energy efficiency.  

➢ The LHV of the TSFBG system without the pre-drying of coal using the 

air/steam as gasification agent reaches its maximum of about 91% at an initial water 

content of 26 wt.%. The LHV at a high initial water content of 50 wt.% is comparable 

with that at a low initial water content of 10 wt.%. For TSFBG using the air/steam 

without the pre-drying, the preferred initial water content of coal is below 50 wt.%.  

➢ Replacing air with oxygen increases energy efficiency by about 1% to 2% for 

the TSFBG systems with and without the pre-drying of coal when the initial water 

content of coal is between 10 wt.%-65 wt.%. Variation in the sensible heat of the 

product gas is responsible for this difference in energy efficiency. The TSFBG without 

the pre-drying using the oxygen/steam as the gasification agent shows advantages over 

using air/steam, especially at a high water content.   
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These findings suggest that the TSFBG system without the pre-drying of coal is more 

energy efficient and it is recommended as the better choice in practical gasification 

operations when a higher water content of coal is used. 
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CHAPTER 3 

Energy-saving strategy for a transport bed flash calcination 

process applied to magnesite 

3.1 Introduction 

Magnesite is one of the most important raw material source in the world for 

magnesia refractory production [1]. China has abundant magnesite resources (mainly 

composed of MgCO3) with a proved reserve of approximately 3.1 billion tons, nearly 

90% of which is distributed in Liaoning province [2]. Relying on its resource and good 

industry basis, Liaoning province has formed a particular industry chain for exploitation 

and utilization of magnesite and been the world's largest production and exportation 

site of magnesium-based raw and some functional materials [3-5]. In the magnesite-based 

industry, light calcination of magnesite is the first step, which occurs at about 1000 °C 

to obtain the caustic calcined magnesia (CCM, mainly composed of MgO) based on the 

reaction shown below [6-9]. Here, the term “light” means at relatively low temperatures. 

CCM is the feedstock for the production of downstream high-value products, such as 

silicon-steel magnesium oxide, magnesium hydroxide and magnesium cement [10-16]. 

MgCO3 (s) → MgO (s) + CO2 (g)     ΔH = +99.66 kJ/mol               (3.1) 

There are more than 1,500 light-calcined furnaces in Liaoning province with a 

production capacity of CCM over 10 million tons per year. However, the most widely 

used technology, for decades, is the reverberatory furnace (RF) that has high energy 

consumption, bad feedstock adaptability, long reaction time, unsteady product quality 



90 

 

and serious environmental pollution [17,18]. As shown in Figure 3.1A, the RF is a fixed 

bed calcination reactor [19], in which the high-temperature flue gas produced by fuel gas 

combustion passes through the magnesite bed from bottom to top for implementing the 

calcination of magnesite. In order to ensure the gas permeability of bed and reduce the 

pressure drop, the RF can only adopt large-size magnesite particles in 30-80 mm. As a 

result, massive small-size magnesite generated in mining and processing are difficult 

to be used. The large-size feedstock also makes the reaction time in RF is even up to 3-

5 h and a low production capacity of about 30 t/d for a furnace. It also causes the so-

called phenomena of over-burning on surface and insufficient-burning in inner part, 

making the quality of CCM unstable and the products have low activity [20].  

Xu et al.[21] designed a dilute phase reactor (i.e., magnesite flash calciner, MFC) 

for the calcination of magnesite as shown in Figure 3.1B. Compared to those fixed bed 

calciners, MFC can produce higher active CCM within a shorter reaction time. Jiang et 

al.[22] explored the feasibility of fluidization calcination for the magnesite using a micro 

fluidized bed, and found that the calcination process can finish in a few seconds. Based 

on this innovative concept, Shenyang University of Chemical Technology proposed a 

transport bed flash calcination (TBFC) process for CCM production. A transport bed 

reactor is employed to substitute the traditional RF, for which small magnesite powder 

can also be effectively used as the feedstock. In this transport bed reactor, the high-

temperature flue gas from fuel gas combustion is rapidly mixed with magnesite powder 

so that the production efficiency and product stability are greatly improved. Sun et al.[23] 
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investigated the calcination of magnesite in a laboratory-scale transport bed, and found 

that the conversion of magnesite powder (<150 µm) reached 98% in only 1-2 seconds 

with obviously higher activity of product when compared to the products from the fixed 

bed calciner, corroborating the feasibility of TBFC for high-efficiency calcination of 

magnesite.  

Due to the high operation temperature in the light calcination process, the heat 

recovery and reutilization is vital for the improvement of system energy efficiency. In 

this work, the TBFC process is systematically investigated through process simulation 

considering the pre-decomposition of magnesite during preheating, aiming at 

optimizing the energy-saving strategy for the process, an essential need for its industrial 

design as well as operation.  
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Figure 3.1 Schematic process-flow diagrams of (A) RF [19] and (B) MFC [21]. 
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3.2 Methods and models 

3.2.1 Process description 

The TBFC process is mainly composed of a calciner implementing the light 

calcination of magnesite, a magnesite preheating system and a CCM cooling system. 

In the preheating system, the fed magnesite is heated by flue gas from the high-

temperature calciner. While, in the cooling system, the high-temperature CCM is 

cooled down by air sent to the calciner. Herein, the TBFC process with two-stage 

cooling and four-stage preheating is taken as an example and shown in Figure 3.2. The 

magnesite with a certain water content is first fed to a dryer (i.e., the 4th-stage preheater) 

and dried by the flue gas from the 3rd-stage preheater. The flue gas from the exit of the 

dryer is directed into a bag filter to remove its entrained fine powder and finally brought 

into a chimney. The dried magnesite from the 4th-stage preheater, mixing with the flue 

gas from the 2nd-stage preheater goes into the 3rd-stage preheater to preheat magnesite 

further by the sensible heat with the flue gas. Similarly, the magnesite from the 3rd-

stage and 2nd-stage preheaters is preheated by the flue gas from the 1st-stage preheater 

in the 2nd-stage preheater and from the calciner in the 1st-stage preheater, respectively. 

The preheated magnesite from the 1st-stage preheater goes into the calciner as the feed 

of calcination, and the energy required comes from the fuel gas combustion by air 

preheated in cooling the CCM product. A staged combustion is employed to better 

maintain a uniform temperature distribution along the calciner. At the exit of the 

calciner, the produced CCM is separated from flue gas by a cyclone. Then, the high-
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temperature CCM is cooled, successively, by the air recovered in the 2nd-stage cooler 

and blown into the 1st-stage cooler. The preheated air from the 2nd-stage cooler is 

directed into the calciner to support the fuel gas combustion. The final CCM product 

from the 1st-stage cooler is forwarded to a CCM tank. The compositions of magnesite 

and fuel gas considered in this study are presented in Table 3.1. 

 

Figure 3.2 A schematic diagram of the TBFC process with two-stage cooling and four-

stage preheating. 

Table 3.1 Compositions of magnesite and fuel gas used in this study. 

Magnesite composition (wt.%)   

MgCO3 90 

Water  10 

Fuel gas composition (mol.%) 

CO2 3.00 

CH4 96.10 

N2 0.34 
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C2H6 0.45 

C3H8 0.11 

 

3.2.2 Kinetic analysis of magnesite calcination 

The work used the micro fluidized bed reaction analyzer (MFBRA) to explore the 

feasibility of quick magnesite calcination. Besides thermogravimetric analyzer (TGA), 

it has shown that MFBRA can provide a complementary and reliable way to 

characterize gas-solid reactions [24-33]. Figure 3.3 presents the typical results obtained. 

Magnesite powder in 100-200 µm can be completely decomposed in only about 3 

seconds at 900 °C, indicating the nature of flash calcination. While detailed reaction 

kinetics for magnesite calcination can be found in Jiang et al.[22], here we intended to 

use the kinetic parameters from MFBRA to simulate the kinetics occur in the transport 

bed calcination process. Because of its minimized effect of external diffusion on 

reaction, MFBRA would give high-accuracy kinetic data than TGA does. For the TBFC 

processes imbedded with multi-stage preheating, the temperature of magnesite would 

surely increase continuously along the process such that the fed magnesite may start to 

decompose even at 500 C [22]. Therefore, pre-decomposition of magnesite has to be 

considered for achieving an accurate process analysis, which in turn requires an input 

of the kinetic data. In this study, the following kinetic equation obtained by measuring 

magnesite calcination in air using MFBRA was adopted in performing the process 

simulation [18].  
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𝑑𝑥

𝑑𝑡
= 105.69𝑒𝑥𝑝(−

124160

𝑅𝑇
) × (1 − 𝑥)                                          (3.2) 

where x is the conversion for magnesite calcination, t and T are the reaction time and 

temperature, respectively. 

 

 

Figure 3.3 Calcination of magnesite in MFBRA: (A) a photo of analyzer and (B) CO2 

formation curve detected using a process mass spectrometer. 
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3.2.3 Magnesite preheating model 

In TBFC process, a cyclone-type preheater, shown in Figure 3.4, is adopted to 

preheat the fed magnesite where the particles and gas first proceed heat transfer in the 

heat-exchange pipe and then they are separated in the cyclone. Generally, the residence 

time of particles in the heat-exchange pipe (until the tangential entrance) and cyclone 

body, even for industrial plants, should not be longer than 0.2 s and be about a few 

seconds (such as 5 s), respectively. With rise of temperature, the fed magnesite may 

decompose since reaching 500 C in the cyclone-type preheater so that pre-

decomposition of magnesite needs to be considered in process analysis. As for this 

study, the results shown in Table 3.3 indicate that the temperature of all preheaters is 

in the range of 450 C to 750 C. Estimating with the kinetics shown above clarifies 

that under such temperatures the possible decomposition rate of magnesite in 0.2 s is 

not over 4.3% (Figure 3.5). On the other hand, the separation of gas and solid in the 

cyclone is very quick, due to the quick segregation of particles to the vicinity of the 

cyclone wall under the action of centrifugal force. Not only the gas-solid contacting 

area is quite small but the heat transfer between gas and solid can also be neglected. 

Accordingly, the magnesite pre-decomposition in the heat-exchange pipe will not be 

considered, while in the cyclone body it occurs under the adiabatic condition. 

Consequently, the magnesite preheating model adopted in simulation consists of two 

subprocesses, the gas-solid heat transfer without magnesite pre-decomposition in the 

heat-exchange pipe and the gas-solid quick separation with adiabatic pre-
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decomposition of magnesite in the cyclone body. 

 

Figure 3.4 A schematic drawing of the cyclone preheater. 

 

Figure 3.5 Decomposition rate of magnesite in heat-exchange pipe calculated by 

equation (3.2) at different temperatures. 
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3.2.4 Simulation approach 

The commercial process simulator Aspen Plus is employed for the simulation. 

Table 3.2 outlines the representative units and their corresponding Aspen Plus models 

used in the simulation. In simulations, the temperature of light calcination is set at 900 

C and the equivalence ratio for fuel gas combustion is 1.2. The whole system is 

operated at around atmosphere pressure. This work investigated the TBFC process 

performance and energy efficiency varying with the number of heat-exchange stages 

and residence time of particles in cyclone preheaters. The acquired results for the TBFC 

process are also compared with those of the RF and MFC processes. 

Table 3.2 Representative unit and corresponding models used in the simulation. 

Unit Name in flow chart 
Aspen 

model 
Specification 

Parameters 

setting 

Calcination RSTOIC1/2/3  RStoic 
Calcination and 

combustion in TBFC 
900 C 

Calcination RSTOICR RStoic Calcination in RF 750 C 

Calcination RSTOICM RStoic Calcination in MFC 900 C 

Combustion COMBUSTR RGibbs Combustion in RF 1200 C 

Combustion COMBUSTR/M RGibbs Combustion in MFC 1300 C 
Pre-

decompositio

n 

HEATEXF1/XF2/F1

M 
RCSTR 

Pre-decomposition 

following kinetics 

Residence time 

in preheater: 1-5 

s 

Mixing MIX1/2/3/4/1M/2M Mixer Multiple streams mixer / 

Separation 

SEP1/2/3/4/5/1M/2M

/ 

3M/R 
SSplit 

Separating gas and 

solid 
/ 

Heat HEATEXF3/XF4/XF RGibbs Heat exchanging Preheating 
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exchanger 5/F2M/XR between 

 flue gas and 

magnesite 

stages: 1-5 

Heat 

exchanger 

HEATEXM1/XM2/X

M3/XM4/M1M RGibbs 
Heat exchanging 

among CCM and air 

Cooling stages:  

1-4 

Heater 
HEATERs 1-4, 

1M-4M, 1R-4R Heater 
Heating or cooling a 

single stream / 

Figure 3.6A depicts the Aspen Plus flow chart of the TBFC with four-stage 

cooling and five-stage preheating. The magnesite feedstock with 10 wt.% water is fed 

to a RGibbs-mode heat exchanger (i.e., the 5th-stage preheater) where it is dried by the 

flue gas from the 4th-stage preheater. In turn, the magnesite is separated from the flue 

gas by the setup “Assign Streams” in the RGibbs model. The flue gas from the 5th-stage 

preheater is directed to a heater model and cooled to ambient temperature. As such, its 

sensible heat loss is calculated. Similarly, the RGibbs model arranges the magnesite 

from the 5th-stage and 4th-stage preheaters to be respectively preheated by the flue gas 

from the 3rd-stage and 2nd-stage preheaters, which are implemented respectively in the 

4th-stage and 3rd-stage preheaters. For the high-temperature 2nd and 1st stages of 

preheaters, the possible pre-decomposition of magnesite is considered on basis of the 

kinetics obtained by MFBRA, for which the RCSTR model is adopted. The magnesite 

from the 3rd-stage preheater is first mixed with the flue gas from the 1st-stage preheater 

in the Mixer model. Separated from flue gas by the SSplit model, the magnesite goes 

to the 2nd-stage RCSTR-modeled preheater. Passing through another SSplit model, the 

CO2 generated by pre-decomposition is merged into the flue gas from the 2nd-stage 
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preheater. The possibly partially decomposed magnesite from the 2nd-stage preheater 

undergoes further a heat exchange by contacting the flue gas from the calciner. This is 

succeeded by the gas-solid separation and also magnesite pre-decomposition in the 

RCSTR of the 1st-stage preheater. Its CO2 product is merged into the flue gas from the 

1st-stage preheater.  

The final magnesite from preheating is transported into the RStoic reactor to 

implement calcination. The fuel combustion occurs in three stages and their respective 

conversions are 30%, 30% and 40%, respectively. Downstream of the gas-solids 

separation at the calciner exit, the high-temperature CCM is mixed with the air from 

the 3rd-stage cooler and goes into the 4th-stage RGibbs-mode cooler, another cyclone in 

fact. The preheated air from the 4th-stage cooler is directed to the RStoic model to 

combust fuel gas. On the other hand, the CCM from the 4th-stage cooler successively 

undergoes three stages of cooling (i.e., the 3rd to 1st stages of coolers) by heat exchange 

with air according to the RGibbs-mode coolers. The CCM finally from the 1st-stage 

cooler is the product, which is usually cooled down to ambient temperature by the air 

blowing it into the product tank.  

As shown in Figures 3.6B and 3.6C, in comparison with the TBFC the RF has not 

staged combustion and CCM cooling whereas the MFC has two-stage preheating for 

magnesite and one-stage cooling for CCM although without fuel-staged combustion. 

The main parameters for simulating RF and MFC are also tabulated in Table 3.2. 

Considering industrial application, the energy efficiency of an entire system becomes 
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critical. We estimate the following energy efficiency to quantitatively analysis the 

efficiency of CCM production.   

Energy efficiency= (QFG HHV – Qfl – Qm) / QFG HHV× 100%               (3.3) 

where QFG HHV is energy input from fuel gas based on higher heating value, Qfl and Qm 

are sensible heat loss of exhausted final flue gas and CCM, respectively. In order to 

well illustrate the superiority of the TBFC process over RF and MFC, the energy 

allocation analysis is also performed and discussed in the coming sections of this article. 
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Figure 3.6 Aspen Plus flow charts of (A) TBFC with four-stage cooling and five-stage 

preheating, (B) RF and (C) MFC. 
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3.3 Results and discussion 

3.3.1 Energy consumption and efficiency 

Figure 3.7 illustrates the influences of different stages of cooling and preheating 

on energy consumption and efficiency of TBFC. The energy consumption decreases 

with the increase in the number of preheating and cooling stages. In the case of one-

stage cooling, the consumption of energy obviously decreases from about 5975 to 4178 

kJ/kg-CCM while increasing the preheating stages from 1 to 5. Further increasing the 

cooling stages from 1 to 2 (at 5 stages of preheating), the energy consumption is reduced 

to about 3913 kJ/kg-CCM.  

Concerning the energy efficiency, it raises from about 49.7% to 72.8% when 

varying the preheating stages from 1 to 5 at 4 stages of cooling. With five-stage 

preheating, increasing the cooling stages from 1 to 4 varies the energy efficiency from 

about 65.0% to 72.8%. However, the more the heat-exchange stages, the lower the 

increased energy efficiency. When the cooling stages are from 1 to 2, the energy 

efficiency increase is 2.4%-4.3% corresponding to the preheating stages of 1 to 5. 

Further having the cooling stages from 2 to 4, the efficiency rise is only 1.4%-3.4%. 

Thus, 2 stages of cooling are preferred for industrial application. Also, increasing the 

magnesite-preheating stages is more dominant in raising the energy efficiency than 

having more CCM-cooling stages does. Correspondingly to cooling stages 1 to 4, the 

two-stage preheating raises the energy efficiency by 8.5%-10.2% against one preheater 

does. Varying the preheating stages from 2 to 3, 3 to 4 and 4 to 5, the gained increases 
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in energy efficiency is 4.8%-5.9%, 3.5%-4.1% and 2.4%-2.8%, respectively. By 

considering the available efficiency rise, the industrial application thus prefers 4 stages 

of preheating. These results show that the number of heat-exchange stages has vital 

influence on the energy consumption and efficiency of the TBFC process. 

 

Figure 3.7 Energy consumption and efficiency of TBFC varying with number of 

preheating and cooling and stages. 
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3.3.2 Pre-decomposition in preheating 

Figures 3.8 and 3.9 show the results of magnesite pre-decomposition and 

corresponding temperatures of magnesite in the first and second stage of preheaters, 

respectively. In the 1st-stage preheater, the maximal conversion of pre-decomposition 

is 12-13% for a five-stage preheating process. Increasing the cooling stages slightly 

decreases the pre-decomposition conversion of magnesite. Having more cooling stages 

is good for the sensible heat utilization of CCM, thus lowering the energy consumption. 

As such, less energy of flue gas can be used in the heat-exchange with magnesite. 

Figure 3.8B shows that the temperatures of magnesite from the 1st-stage preheater 

slightly decreases with increasing the stages of cooling. The magnesite temperatures in 

cases of two-stage and three-stage cooling which are not shown are between those of 

one-stage and four-stage cooling. The pre-decomposition cased obvious decrease in the 

magnesite temperature (of the 1st-stage preheater). The more the preheating stages, the 

greater the temperature decrease (in the 1st-stage stage) due to pre-decomposition. 

When the five-stage preheating is adopted, the maximal temperature reduction is over 

150 C. On the contrary, the increase in pre-decomposition becomes smaller with the 

more the preheating stages. The pre-decomposition of magnesite cannot occur if only 

one preheater is installed and the reached temperature of magnesite is below the 

required least value for occurring decomposition (i.e., about 500 C). The number of 

preheating stages plays the controlling role in increasing the energy efficiency than the 

cooling stage number does. The pre-decomposition of magnesite should be considered 
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especially in the case with a few of preheaters. 

The pre-decomposition of magnesite occurs in the 2nd-stage preheater only for the 

4 and 5 stages of preheating since its temperature (shown in Table 3.3) can hardly reach 

the pre-decomposition requirement for the case with fewer preheating stages. Figure 

3.9A shows the pre-decomposition conversion of magnesite in the 2nd-stage preheater, 

which increases as more preheating and fewer cooling stages are adopted. This is 

consistent with the result for the 1st-stage preheater. The conversion of magnesite pre-

decomposition in the 2nd-stage preheater is below 3% for the four-stage preheating 

process and are no more than 5.0% even in the cases with five stages of preheating. In 

Figure 3.9B, the maximal temperature reduction in the 2nd-stage preheater due to pre-

decomposition is about 90 C, suggesting that the effect of pre-decomposition on the 

2nd-stage preheater is much smaller than that in the 1st-stage preheater. 
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Figure 3.8 Pre-decomposition of magnesite in the 1st-stage preheater at different 

preheating and cooling stages: (A) conversion and (B) temperature of magnesite. 
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Figure 3.9 Pre-decomposition of magnesite in the 2nd-stage preheater at different 

preheating and cooling stages: (A) conversion and (B) temperature of magnesite. 

 



110 

 

3.3.3 Temperature variation in process 

Figure 3.10 shows the flue gas temperatures before and after drying and the CCM 

temperature from the 1st-stage cooler varying with the preheating and cooling stages. 

With the increase in the preheating and cooling stages, the flue gas temperature shows 

obvious decrease both before and after the drying to indicate higher energy utilization. 

For two-stage and three-stage cooling, the corresponding flue gas temperatures before 

and after drying which are not shown are also between those of one-stage and four-

stage cooling with similar trend. The minimal temperature reduction by drying process 

is about 230 C. The temperature of dried magnesite in the five-stage preheating system 

is already below 100 C. This would be the limit for the industrial application.   

On the contrary, the temperature of CCM from the 1st-stage cooler (the final CCM) 

increases with the increase of preheating stages, while the more the cooling stages lead 

to lower temperature of the final CCM. The temperature of final CCM is over 300 C 

if only one-stage cooling is used, whereas it can be 50-110 C in the case of four-stage 

cooling. Thus, the number of cooling stages is mainly responsible for the temperature 

of final CCM. Table 3.3 summarizes the temperature of solid in individual stages in 

various possible strategies of heat recovery and utilization so as to provide useful 

reference data for industrial design. For applied process of TBFC, the preferred stages 

for magnesite preheating and CCM cooling would be 4 and 2, respectively. 
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Figure 3.10 Influences of the cooling stage number and the preheating stage number 

on (A) flue gas temperatures before and after drying and (B) the CCM temperature from 

the 1st-stage cooler. 
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Table 3.3 Temperatures of solid in individual stage under different arrangement 

strategies. 

Cooling 

stages  

Preheating 

stages  

Solid temperatures in individual heat-exchange stages (C) 

Preheating Cooling 

5 4 3 2 1 4 3 2 1 

1 

1 / / / / 486 317 / / / 

2 / / / 308 605 353 / / / 

3 / / 211 513 638 371 / / / 

4 / 143 407 570 646 384 / / / 

5 97 336 507 597 651 392 / / / 

2 

1 / / / / 476 408 149 / / 

2 / / / 293 599 462 185 / / 

3 / / 193 495 633 490 206 / / 

4 / 124 387 558 643 509 220 / / 

5 77 313 485 588 648 521 230 / / 

3 

1 / / / / 473 445 392 80 / 

2 / / / 287 597 512 260 110 / 

3 / / 185 486 630 547 295 129 / 

4 / 116 377 553 641 570 319 143 / 

5 68 302 475 583 646 584 335 153 / 

4 

1 / / / / 471 461 222 104 49 

2 / / / 284 595 537 299 155 71 

3 / / 181 482 629 577 344 188 87 

4 / 111 371 550 640 603 375 213 100 

5 63 295 469 580 645 620 396 230 109 
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3.3.4 Effect of residence time in each preheater 

The preceding pre-decomposition of magnesite supposes that the kinetic rate is 

substantially quick and the reaction is limited only by temperature. The effect of 

residence time varying in 1 to 5 s in combination with the reaction kinetics is considered 

herein for the system having two-stage cooling. Noting that the pre-decomposition 

occurs mainly in the first stage of preheating, the analysis is further simplified by 

considering only the 1st-stage preheater. Figure 3.11A clarifies that the longer the 

residence time is, the higher the conversion of magnesite pre-decomposition is. 

Nonetheless, extending the residence time (but above 1 s considering the actual possible 

values in the cyclone reactors) caused limited increase in pre-decomposition conversion. 

The conversion is below 10% for the residence time of 1s, while the maximal 

conversions of pre-decomposition are 12.5% and 14% for the residence times of 3 s and 

5 s in the five-stage preheating system, respectively.  

Figure 3.11B shows the corresponding temperatures of magnesite in the 1st-stage 

preheater in cases without and with pre-decomposition, decrease with the increase of 

residence time since the pre-decomposition is an adiabatic process. Obviously, the 

longer the residence time is, the greater the temperature reduction due to pre-

decomposition in the first stage is. The maximal temperature reduction for the residence 

time of 5 s is around 160 C. 
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Figure 3.11 Variations with residence time of (A) conversion of magnesite pre-

decomposition and (B) temperature of magnesite in the 1st-stage preheater. 
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Figure 3.12 shows the variation in temperature and energy efficiency of the TBFC 

with five stages of preheating that would lead to the most obvious pre-decomposition 

of magnesite. There are different influences of residence time on the temperatures of 

flue gas before and after drying and on the temperature of the final CCM. While longer 

residence time causes lower flue gas temperatures before and after drying, the 

temperature of CCM product becomes very slightly higher (see Figure 3.12A). The 

results correspond to the slightly higher conversion of magnesite pre-decomposition, 

which thus requires slightly less fuel gas for the calciner and consequently generates 

slightly lower volume of flue gas as well. For a specified treatment capacity, the 

temperatures of flue gas then must be slightly lower after its heat exchange with the fed 

magnesite. As a consequence, in Figure 3.12B the energy consumption decreases and 

the energy efficiency increases, although slightly, with raising the residence time from 

1 s to 5 s. 
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Figure 3.12 Variations with residence time of (A) characteristic temperatures and (B) 

energy consumption and efficiency corresponding to the conditions in Fig. 3.11. 
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3.3.5 Benchmark and application for light calcination 

Comparison is made for the energy consumption and efficiency of the 

technologies represented by TBFC, MFC and RF. The TBFC process has two-stage 

cooling for CCM and four-stage preheating for fed magnesite. Simulations were 

performed according to the Aspen models shown in Figure 3.6. The estimated energy 

consumptions are about 4100, 7600, and 8400 kJ/kg-CCM, while the corresponding 

energy efficiencies are 66.8%, 37.2%, and 33.9% for the TBFC, MFC and RF processes, 

respectively. In order to further illustrate the superiority of the TBFC process over the 

MFC and RF, Figure 3.13 shows further the allocations of consumed energy for the 

benchmarked technologies. Because there is not CCM cooling in RF, the energy loss 

via the sensible heat of CCM takes about 9.3%, which is much higher than that for 

TBFC (4.6%) and MFC (2.0%). For the MFC and RF processes, the energy losses via 

flue gas reaches about 60.8% and 56.8%, whereas this loss via flue gas can be as low 

as 28.6% for TBFC.  
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Figure 3.13 Allocation of consumed energy in processes of TBFC, MFC and RF.  

Therefore, the heat loss via flue gas accounts for the major part of the consumed 

energy for MFC and RF, which is much higher than the loss via high-temperature CCM. 

For TBFC, the staged combustion of fuel gas ensured essentially the possibly lowest 

amount of flue gas, which contributes energy saving also via flue gas. Overall, the 

TBFC process saves energy by staged combustion of fuel gas, and further by the 

recovery and reutilization of the sensible heat carried with the calciner flue gas as well 

the CCM particles. The traditional RF and MFC technologies, however, are not 

integrated with such energy saving strategies thus causing its higher energy 

consumption and lower energy efficiency. As a consequence, the TBFC process 

occupies the obvious superiority as the stage-of-the-art technology for light calcination 
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of magnesite. Because of this, a demonstration plant of TBFC with a capability of 

400,000 t/a magnesite is under construction in Liaoning province, China (shown in 

Figure 3.14), and it is going to be commissioned into commercial running in 2021. 

 

 

Figure 3.14 A demonstration plant under construction for TBFC: (A) three-D design 

and (B) a picture of plant site.  
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3.4 Conclusions 

The so-called transport bed flash calcination (TBFC) process applied to magnesite 

has been systematically investigated via process simulation to optimize the energy-

saving strategy for the technology. The process is featured with the staged combustion 

of fuel gas and the recovery, with further its reutilization inside the process of the 

sensible heat carried by the flue gas of calciner and also by the high-temperature caustic 

calcined magnesia (CCM) product. The lower energy consumption and higher energy 

efficiency are well identified for the investigated TBFC process in comparison with the 

traditional but typical reverberatory furnace (RF) and magnesite flash calciner (MFC).  

Pre-decomposition of magnesite by the high-temperature calciner flue gas is 

considered on basis of the kinetics measured using a micro fluidized bed reaction 

analyzer (MFBRA) that allows the minimized effect of external diffusion on reaction. 

The result reveals that the pre-decomposition mainly occurs in the first stage of 

preheaters, and the maximal conversion under the cyclone preheating model conditions 

of this article is about 13%. The occurrence of pre-decomposition would slightly lower 

the energy consumption and increase the energy efficiency of the entire process while 

the residence time of magnesite above 1 s in the cyclone preheaters has limited effect 

on the available pre-decomposition rate. 

Varying the number of preheating stages causes more pronounced rise in the energy 

efficiency than adjusting the same number of cooling stages does. In fact, the sensible 

heat carried with the calciner flue gas is much more, say by about 6 times, than with 
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the high-temperature CCM. The TBFC adopts staged feed of fuel gas along the calciner 

to allow the air equivalence ratio of about 1.2 for fuel gas combustion. This in turn 

reduces the volume of flue gas and contributes greatly the energy conservation. For 

TBFC, the preferred process arrangement is proved to be four-stage preheating for 

magnesite and two-stage cooling for CCM, and the corresponding energy consumption 

is about 4100 kJ/kg-CCM and energy efficiency is 66.8%. Comparing with the 

traditional light calcination furnaces such as the popularly used RF, the energy 

efficiency is almost doubly higher, say, from 34% to about 67%. 
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CHAPTER 4 

Influence of flue gas atmospheres and pressures on CaCO3 

decomposition through simulation 

4.1 Introduction 

The micro fluidized bed reaction analyzer (MFBRA) was first proposed by Xu [1] 

in 2005. As a novel thermal analyzer, MFBRA has become commercially available and 

can be a complementary and reliable way for the characterization of gas-solid reactions 

after extensive researches and developments [2-4] besides thermogravimetric analyzer 

(TGA). To investigate the mechanisms and kinetics of gas-solid reactions , a fluidized 

bed reactor in millimeter diameter is used as the isothermal differential reactor in an 

MFBRA [5]. Until now, MFBRA has been well applied in a variety of gas-solid 

reactions, such as pyrolysis [6-8], gasification [9,10], combustion [11,12] of solid fuels, 

calcination [4,13] and reduction [14-17] as well as catalytic reactions [18,19]. These 

applications have verified that MFBRA is reliable, effective, and adaptable to various 

gas-solids reactions. Due to the minimized effect of external diffusion on reaction, 

MFBRA would give high-accuracy kinetic data than TGA does.  

In Chapter 3, the kinetic parameters obtained by measuring magnesite calcination 

in air using MFBRA is adopted to perform the process simulation. While for the 

industrial calcination process of magnesite, due to the heat supply by the combustion 

of fuel gas, the calcination of magnesite actually occurs under the atmosphere of flue 

gas. The flue gas is mainly composed of CO2, H2O, O2, N2 and the inhibition on the 
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reaction by the produced CO2 gas could occur. Thus, the kinetic parameters obtained 

by measuring magnesite calcination in flue gas atmosphere using MFBRA is hoped. 

While, the difficulties arose as how to distinguish between product gas CO2 and 

fluidized gas CO2 because the reaction kinetics data are determined based on the 

measurement of time-series of product gas species in MFBRA. Liu et al. [20] introduced 

the isotope-tagging method to the gas-solid reaction using MFBRA, which has been 

employed in the research of heterogenous catalytic reactions [21,22]. Liu et al. proposed 

the deliberate selection of the raw reactants with isotopes labeling so that the isotopes 

contained in the product gas are different from those contained in the same component 

in fluidizing gas. Unfortunately, Mg13CO3 was not available while the similar carbonate 

Ca13CO3 was available.  

The CaCO3 decomposition in the presence of CO2 could be found in some 

situations of practical applications. For example, the calcium looping process, which is  

an advanced and popular combustion technology, mainly includes the CaO carbonation 

reaction (i.e. CaO reacts with CO2 to produce CaCO3) and the CaCO3 calcination (i.e. 

CaCO3 decomposes into CaO and CO2 in the presence of CO2) reaction [23,24]. 

According to a few researches reported [25-31], the kinetics of calcination are influenced 

by the presence of CO2 in atmosphere while it is not yet fully demonstrated. It should 

be noted that the strong inhibition of diffusion and lower rates of heat and mass transfer 

may cause TGA to provide inaccurate kinetics for reactions which occur in the 

atmosphere of product gas as reported by several researchers [13, 32-35]. For example, the 
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apparent activation energy was obtained as unreasonably high as more than 2000 

kJ/mol under the 100% CO2 atmosphere, with the reaction time in a few minutes [36], 

which does not match the reaction time reported for fluidized bed experiments of 

chemical looping.  

Thus, Liu et al. [20] obtained the kinetics of Ca13CO3 decomposition in the presence 

of CO2 by MFBRA to acquire the correct kinetics of reactions inhibited by the product 

gas containing atmosphere. Their results demonstrated that the apparent activation 

energy of reaction was increased due to the presence of CO2 in the atmosphere. 

However, the rise in the apparent activation energy was obviously overestimated by 

TGA due to the excessive inhibition by the stagnant product gas inside sample crucible. 

Figure 4.1 showed the comparison of activation energy with CO2 concentration 

obtained from TGA and MFBRA measurements. It could be found that the apparent 

activation energy obtained from both MFBRA and TGA rose with the increase of CO2 

concentration, but the rise was significantly faster for TGA than for MFBRA. The ratio 

of the activation energy tested from TGA to that tested from MFBRA, which showed 

the difference more clearly, increased from about 1.9 in N2 to 3.7 in the atmosphere 

with only 1% CO2 and it increased up to about 8 when the CO2 in the atmosphere is 

further increased. These results indicated that with the increase of CO2 concentration in 

atmosphere, the inhibition of product gas diffusion from TGA sample to the 

surrounding atmosphere became more seriously. In the 100% CO2 environment, the 

TGA provided the activation energy of 2047.2 kJ/mol, which was obviously too high 
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to be thought as reasonable. In comparison, the reaction activation energy obtained 

from MFBRA was 271.5 kJ/mol, which was more in line with expectations. It should 

be noted that the moderate rise in the activation energy for MFBRA with the increase 

of CO2 concentration was mainly owing to the impact of thermal equilibrium, which 

was confirmed below.  

 

Figure 4.1 Relationship of activation energy with CO2 concentration for CaCO3 

decomposition in MFBRA and in TGA. (Reprinted with permission from Ref 20). 

Figure 4.2 showed the initial temperatures of CaCO3 decomposition at different 

CO2 concentrations obtained from TGA, MFBRA and simulation [20]. The process 

simulations for CaCO3 decomposition at different CO2 concentrations were conducted 

by Aspen Plus and the RGibbs model was adopted as the reactor to simulate the 

decomposition process. The CO2 concentrations in a mixture of N2 and CO2 were 
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determined as 0 vol.%, 1 vol.%, 10 vol.%, 30 vol.%, 60 vol.% and 100 vol.%, 

respectively. It showed clearly that the initial temperature of CaCO3 decomposition 

raised exponentially with the CO2 concentration increasing. The initial decomposition 

temperature obtained by TGA was 580 C in pure N2, and it increased sharply to around 

720 C with only 1% CO2 and further to about 935 C in 100% CO2. In comparison, 

for MFBRA, the initial decomposition temperatures obtained were lower than those 

obtained from TGA. The difference between MFBRA and TGA was 30 C with 0% 

CO2, and it rose up to about 100 C with the CO2 concentration over 10%. It is worth 

noting that the initial decomposition temperatures between MFBRA and thermal 

equilibrium simulation were quite close, which was consistent with the earlier analysis. 

It suggested that the gas diffusion in MFBRA was eliminated essentially and MFBRA 

was approaching to the real kinetics of reaction in the strongly suppressed atmospheres 

of product gas. Therefore, MFBRA was superior than TGA and was very capable of 

obtaining the real kinetics in such inhibitory atmospheres for the characterization of 

gas-solid reactions. 
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Figure 4.2 The initial temperature of CaCO3 decomposition with different N2/CO2 

mixtures at the heating rate of 20 C/min in TGA, MFBRA and in the condition of 

thermodynamic equilibrium. (Reprinted with permission from Ref 20). 

Following this, Chapter 4 presents the detailed and comprehensive CaCO3 

decomposition under different flue gas atmospheres and different pressures through 

simulation to provide more fundamental and complete information for the reaction in 

the product gas which could strongly inhibited atmospheres and certain reference values 

for industrial applications.  

4.2 Methods and models 

For better understanding the influence of flue gas atmospheres and pressures on 

CaCO3 decomposition, the simulations by Aspen Plus at a steady state condition were 
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conducted. Referred to the simulation results of the second work, herein, the two cases 

for different atmospheres of flue gas are considered. The flue gas from fuel gas 

combustion before magnesite calcination is considered as the case of flue gas 1 while 

the flue gas from fuel gas combustion also containing CO2 produced by calcination is 

considered as the case of flue gas 2. The corresponding compositions of these two 

atmospheres are presented in Table 4.1 and it is clear that the CO2 concentration in flue 

gas 2 is much higher than that in the flue gas 1 while the other gases concentrations 

become lower consequently.  

Figure 4.3 shows the Aspen Plus flow chart of decomposition of calcium 

carbonate. In the simulation, the types of CaCO3 and CaO are selected as “solid” while 

the types of CO2, H2O, N2, and O2 are determined as “conventional”. For the property, 

the IDEAL is employed as the base method. The RGibbs model is employed as the 

reactor to simulate decomposition process. For Aspen Plus simulations, the molar ratio 

of feeding flue gas and calcium carbonate is 9. The pressures of 0.1 atm, 0.5 atm, 1 atm, 

5 atm, and 10 atm are determined for the influence of pressures on the decomposition 

of calcium carbonate.  

Table 4.1 Composition of two different cases of flue gas. 

Concentration (mol.%) Flue gas 1 Flue gas 2 

CO2 8 32 

O2 4 3 

N2 72 53 

H2O 16 12 
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Figure 4.3 Aspen Plus flow chart of decomposition of calcium carbonate. 

4.3 Results and discussion 

4.3.1 Conversion and temperature in two different cases of flue gas 

Figure 4.4 shows the variation of conversion with temperature for CaCO3 

decomposition in different atmospheres of flue gas at atmospheric pressure. When the 

temperature of reaction is increased, the conversion of CaCO3 decomposition increases 

in both the atmospheres of flue gas 1 and 2. Compared with the result of flue gas 1, the 

conversion of CaCO3 decomposition increases more significantly and sharply. As 

shown in Figure 4.5, for the CaCO3 decomposition in the flue gas 2, both the initial 

decomposition temperature and complete decomposition temperature are higher than 

those in the flue gas 1. And the increase of initial decomposition temperature is more 

obviously than the complete decomposition temperature. In the atmosphere of flue gas 

1, CaCO3 starts to decompose around 709 C and complete the decomposition at 745 

C, while the corresponding initial decomposition temperature and complete 
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decomposition temperature in the atmosphere of flue gas 2 are about 775 C and 786 

C, respectively. As stated earlier, the main difference for these two cases of flue gas is 

the gas composition especially the CO2 concentration. The CO2 concentration of flue 

gas 2 reaches to 32% while the corresponding value of flue gas 1 is 8%. These results 

indicates that CO2 seriously inhibits the decomposition of CaCO3. And the inhibition 

seems to be more obvious on the initial decomposition temperature compared with the 

complete decomposition temperature. The higher CO2 concentration of flue gas may 

lead to a smaller and higher whole temperature range for the decomposition of CaCO3. 

 

Figure 4.4 Variation of conversion with temperature for CaCO3 decomposition in 

different atmospheres of flue gas at atmosphere pressure. 

 



136 

 

 

Figure 4.5 Variations with different flue gas atmospheres of initial decomposition 

temperature and complete decomposition temperature of CaCO3 at atmosphere pressure. 

4.3.2 Conversion and temperature in different pressures  

Figure 4.6 shows the variation of conversion with the temperature for CaCO3 

decomposition under different pressures in the atmosphere of flue gas 1. Consistent 

with the earlier results, the conversion of CaCO3 decomposition increases with the 

increase in the temperature of reaction at the pressures ranging from 0.1 to 10 atm. The 

increase trend is similar while the conversion of CaCO3 decomposition under 0.1 atm 

seems to be a little shaper than that under 10 atm. The decrease of pressure is favorable 

for the decomposition of CaCO3. In other words, for a same conversion, a lower 

temperature of decomposition of CaCO3 can be realized under a lower pressure of 
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reaction. The variation of conversion with the temperature for CaCO3 decomposition 

under different pressures in the atmosphere of flue gas 2 is presented in Figure 4.7. As 

expected, the results are similar to those of flue gas 1 but with a shaper trend. 

 

Figure 4.6 Variation of conversion with temperature for CaCO3 decomposition under 

different pressures in the atmosphere of flue gas 1. 
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Figure 4.7 Variation of conversion with temperature for CaCO3 decomposition under 

different pressures in the atmosphere of flue gas 2. 

The variations with pressure of initial decomposition temperature of CaCO3 in 

different flue gas atmospheres are shown in Figure 4.8. The initial temperature of 

CaCO3 decomposition increases with the increase of reaction pressure for both the flue 

gas 1 and 2. In the case of flue gas 1, with the pressure reduction from 1 atm to 0.1 atm, 

the corresponding initial decomposition temperatures can be reduced from 709 C to 

615 C while it can be increased to 825 C under 10 atm. In the case of flue gas 2, the 

initial decomposition temperatures under 0.1 atm, 1 atm and 10 atm are 669 C, 775 C 

and 908 C, respectively. The pressure seems to influence initial decomposition 

temperature a little obviously for a higher CO2 concentration atmosphere (i.e., flue gas 
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2) than that for a relative low CO2 concentration atmosphere (i.e., flue gas 1). Figure 

4.9 shows the variations with pressure of complete decomposition temperature of 

CaCO3 in different flue gas atmospheres. The complete decomposition temperature of 

calcium carbonate also increases with the increase of pressure in the reactor. With the 

pressure ranging from 1 atm to 0.1 atm, the corresponding complete decomposition 

temperatures decrease from 745 C to 645 C while it increases to 870 C under 10 atm 

in the case of flue gas 1. In the case of flue gas 2, the initial decomposition temperatures 

can increase from 677 C to 922 C with the pressure increase from 0.1 atm to 10 atm. 

These results suggests that the increase in pressure inhibits the decomposition of CaCO3 

including both initial decomposition and complete decomposition temperatures.  

 

Figure 4.8 Variations with pressure of initial decomposition temperature of CaCO3 in 

different flue gas atmospheres. 
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Figure 4.9 Variations with pressure of complete decomposition temperature of CaCO3 

in different flue gas atmospheres. 

4.4 Conclusions 

 This work systematically investigates the detailed and comprehensive CaCO3 

decomposition under different flue gas atmospheres and different pressures through 

simulation to provide more fundamental and complete information for the reaction 

kinetics in the product gas strongly inhibited atmospheres and certain reference value 

for industrial applications. Compared with the result of flue gas 1, the conversion of 

CaCO3 decomposition in the case of flue gas 2 increase more significantly and sharply. 

For the CaCO3 decomposition in the flue gas 2, both the initial decomposition 

temperature and complete decomposition temperature are higher than those in the flue 
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gas 1. These results indicates that CO2 seriously inhibits the decomposition of CaCO3. 

And the inhibition seems to be more obvious on the initial decomposition temperature 

compared with the complete decomposition temperature. The higher CO2 concentration 

of flue gas may lead to a smaller and higher whole temperature range for the 

decomposition of CaCO3. Both the initial temperature and complete temperature of 

CaCO3 decomposition increase with the increase of reaction pressure for both the flue 

gas 1 and 2. The decrease of pressure is favorable for the decomposition of CaCO3.  
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CHAPTER 5 

Conclusions and prospects 

5.1 Conclusions 

In this study, we mainly focus on the high energy efficiency for light calcination 

of magnesite for caustic-calcined magnesia (CCM) production through a two-stage 

fluidized bed gasification system with a transport bed flash calcination process. Firstly, 

a two-stage fluidized bed gasification (TSFBG) system for fuel gas production was 

systematically simulated by Aspen Plus to identify the effect of pre-drying for coal with 

its initial water content varying from 10-65 wt% on gasification performance, 

particularly energy efficiency. Then, a transport bed flash calcination (TBFC) process 

applied to magnesite considering pre-decomposition of magnesite during preheating on 

basis of the kinetics was systematically investigated through process simulation to 

optimize the energy-saving strategy. Finally, the detailed and comprehensive CaCO3 

(similar carbonate as MgCO3) decomposition under different flue gas atmospheres and 

different pressures through simulation were conducted to provide more fundamental 

and complete information for the reaction in the product gas strongly inhibited 

atmospheres and certain reference value for industrial applications. The following 

results were obtained: 

➢ For the TSFBG system, the higher the water content, the greater the reduced energy 

efficiency through the pre-drying of coal. When the initial water content is below 
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26 wt%, ΔηLHV increases by about 1.4% with every 5 wt% increase in water content. 

The ΔηLHV further increases from about 4.4% to 6.9% when the initial water 

content of coal is increased from 26 to 65 wt%. An analysis of energy allocations 

demonstrates that the heat loss due to the pre-drying of coal is mainly responsible 

for the reduction in energy efficiency. The ηLHV of the TSFBG system without the 

pre-drying of coal using the air/steam as gasification agent reaches its maximum 

of about 91% at an initial water content of 26 wt%. The ηLHV at a high initial water 

content of 50 wt% is comparable with that at a low initial water content of 10 wt%. 

For TSFBG using the air/steam without the pre-drying, the preferred initial water 

content of coal is below 50 wt%. Replacing air with oxygen increases energy 

efficiency by about 1% to 2% for the TSFBG systems with and without the pre-

drying of coal when the initial water content of coal is between 10-65 wt%. 

Variation in the sensible heat of the product gas is responsible for this difference 

in energy efficiency. The TSFBG without the pre-drying using the oxygen/steam 

as the gasification agent shows advantages over using air/steam, especially at a 

high water content. 

➢ The TBFC process is featured with the staged combustion of fuel gas and the 

recovery, with further its reutilization inside the process of the sensible heat carried 

by the flue gas of calciner and also by the high-temperature caustic calcined 

magnesia (CCM) product. The lower energy consumption and higher energy 

efficiency are well identified for the investigated TBFC process in comparison with 
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the traditional but typical reverberatory furnace (RF) and magnesite flash calciner 

(MFC). Pre-decomposition of magnesite by the high-temperature calciner flue gas 

is considered on basis of the kinetics measured using a micro fluidized bed reaction 

analyzer (MFBRA) that allows the minimized effect of external diffusion on 

reaction. The result reveals that the pre-decomposition mainly occurs in the first 

stage of preheaters, and the maximal conversion under the cyclone preheating 

model conditions of this study is about 13%. The occurrence of pre-decomposition 

would slightly lower the energy consumption and increase the energy efficiency of 

the entire process while the residence time of magnesite above 1 s in the cyclone 

preheaters has limited effect on the available pre-decomposition rate. 

➢ For TBFC process, varying the number of preheating stages causes more 

pronounced rise in the energy efficiency than adjusting the same number of cooling 

stages does. In fact, the sensible heat carried with the calciner flue gas is much 

more, say by about 6 times, than with the high-temperature CCM. The TBFC 

adopts staged feed of fuel gas along the calciner to allow the air equivalence ratio 

of about 1.2 for fuel gas combustion. This in turn reduces the volume of flue gas 

and contributes greatly the energy conservation. For TBFC, the preferred process 

arrangement is proved to be four-stage preheating for magnesite and two-stage 

cooling for CCM, and the corresponding energy consumption is about 4100 kJ/kg-

CCM and energy efficiency is 66.8%. Comparing with the traditional light 
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calcination furnaces such as the popularly used RF, the energy efficiency is almost 

doubly higher, say, from 34% to about 67%. 

➢ The CO2 seriously inhibits the decomposition of CaCO3 and the inhibition seems 

to be more obvious on the initial decomposition temperature compared with the 

complete decomposition temperature. The higher CO2 concentration of flue gas 

may lead to a smaller and higher whole temperature range for the decomposition 

of CaCO3. Both the initial temperature and complete temperature of CaCO3 

decomposition increase with the increase of reaction pressure for different CO2 

concentration of flue gas. The decrease of pressure is favorable for the 

decomposition of CaCO3. 

 

5.2 Prospects 

In this study, the clean and efficient light calcination of magnesite for CCM 

production through the two-stage fluidized bed gasification system with the transport 

bed flash calcination process was realized. While, for the industrial application in the 

future, the following works should be done: 

➢ The kinetic data of magnesite calcination in the atmosphere of flue gas using 

MFBRA should be measured for achieving an accurate process analysis. And pre-

decomposition of magnesite during the preheating could be further improved.  

➢ For the TBFC process with the staged combustion of fuel gas, the branch pipe 

positions for staged fuel gas are essential for designing reactor structures and 
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corresponding optimization is needed in order to achieve uniform temperature 

distribution along the calciner. 

➢ Results in this work indicated that the sensible heat carried with the calciner flue 

gas is much more than with the high-temperature CCM. Thus, it is recommended 

to explore fuel gas combustion with oxygen for a higher energy efficiency since it 

can effectively reduce the sensible heat carried with flue gas. 
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